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Carbon dioxide capture, transportation, and storage has been identified as the
most promising way to reduce anthropogenic carbon dioxide (CO3) released into
the atmosphere. Efforts made to achieve this purpose include the Paris (Climate)
Accord. This agreement seeks to encourage countries to take the issue of rising
global temperatures seriously. With nearly all countries signing this agreement,
many CCTS projects are expected. Pipelines are employed in the transportation
of CO2. COz2 fluids contain impurities that affect the fluid properties and flow
dynamics, but pipelines are mostly designed assuming that the CO: fluid is pure.
COz2 pipeline fluids contain at least 90 % CO:2 with the balance made up of
impurities. The impurities include nitrogen, methane, oxygen, hydrogen, sulphur

dioxide, hydrogen sulphide, carbon monoxide, ammonia, argon, etc.

The effects of the impurities are studied using simulation software; Aspen
HYSYS, gPROMS and HydraFlash. The results show that all impurities impacted
negatively on transportation. At equal concentrations, hydrogen had the greatest
effect on fluid properties and hydrogen sulphide the least impact. At the specified

allowable concentration, nitrogen had the worst effect on pressure loss (32.1 %)



in horizontal pipeline, density, and critical pressure. Carbon monoxide (with only

0.2-mol %) had the smallest effect in pressure drop (0.3 %).

Analysis of supercritical and subcritical (or liquid) COz2 fluid transportation shows
that subcritical fluids have higher densities (more volume transported) and lower
pressure losses than supercritical fluids. Subcritical fluid transportation would
therefore have lower pipeline transportation costs than supercritical fluids. Also,
soil heat conductivity has greater effect than ambient temperature in buried
pipelines. Simple equations that approximate binary CO:2 fluid properties from

pure CO:2 properties were developed and presented.
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Chapter 1: Introduction

Humans depend on fossil fuel in their ever-expanding industrialisation. Fossil fuel
combustion in the industries releases carbon dioxide (CO32) into the atmosphere.
It is believed that the release of CO2 and other greenhouse gases causes an
increase in the global average temperature. By 2017, human activities were
believed to have caused the temperature of the earth to rise by approximately 1
°C above pre-industrial levels and now rising about 0.2 °C per decade or 0.3 —

0.7 °C over a 30 - year period (Masson-Delmotte et al. 2018). Land regions

experience higher warming than the global mean while oceans are warming

slower (Allen et al. 2018). Human activities have impacted so much on the earth

that a new epoch, the Anthropocene epoch, has been proposed (Waters et al.
2016). The observed increase in global temperature is blamed on increases in
greenhouse gases, chief of which is CO2 in the atmosphere. Many industrial
processes generate COg, including power generation, oil and gas production,
steel manufacturing, gas flaring, etc. There is strong evidence that in the past fifty
years the burning of fossil fuel has contributed to global warming (Mollersten et

al. 2004; IPCC 2011) and COz2 alone contributes over 60 % to global warming

(Joel et al. 2015). About 75 % of atmospheric CO:2 increase is due to the use of

fossil fuel for combustion (Olajire 2010) with an attendant increase in global
temperatures which may increase Earth’s temperature by about 6.4 °C by the

year 2100 (Kianpour et al. 2012). Fossil fuel combusting plants release the largest

quantities of CO2 among stationary anthropogenic CO2 sources (Lazic et al.
2014). Global temperature may increase by more than 1.6 °C by 2100 with a 10
- year average increase of 0.2 °C. CO2 concentrations in the atmosphere have
been recorded to exceed 0.04 % in Mauna Loa Observatory in Hawaii (Keeling

1



2013). The impacts of global warming include land and sea surfaces become
hotter, increase in the frequency of heatwaves in land regions, prolonged heat
waves in marine environments, increase in frequency of heavy precipitation,

increase in drought in the Mediterranean region, etc. (Hoegh-Guldberg et al.

2018).

The IPCC (2007) report, listed some of the future impacts of global temperature

rise:

e 10 — 40 % increase in annual mean river runoff and water
availability and 10 — 30 % decrease in dry regions at the tropics and

mid - latitudes.

e Flood risks will increase with heavy precipitation with widespread

draught.

e Decrease in water availability to regions supplied by glaciers and

snow-covered mountains.

e About 20 — 30 % of plant and animal species dying out if the earth’s

temperature exceeds 2.5 °C increase.

e Ecosystems at a high risk from the combined effects of flooding,
drought, wildfire, insects, ocean acidification, pollution, over-

exploitation of natural resources and land-use.

e The acidification of the oceans from increased CO2 concentrations

will adversely affect marine organisms with shells.

e Warmer temperatures favour increased timber production in the

short to medium term but have adverse effects on fisheries.



¢ Increased heatwaves, fires and drought will cause increases in

disease, death, and injury.

e Crop productivity may increase at high altitudes but decrease at low
altitudes. Global food production is expected to increase within 1 -

3 °C rise in temperature but decrease above this value.

This frightening prediction makes it imperative to mitigate the adverse effect of
releasing CO2 into the atmosphere. CO2 must not be released into the
atmosphere if the adverse effects are to be avoided. Carbon dioxide capture and
storage (CCS) is one of the few viable carbon mitigation technologies (Ke et al.
2017). CO2 must be captured, transported, and safely stored underground, used

for enhanced oil recovery (EOR) or used in other ways.

The world is still slow in realizing the urgency for capturing anthropogenic CO>
emissions to combat rising global temperatures. This can be drawn from the
number of operational CCS projects around the world. In 2016, only the Boundary
Dam Project was a large scale CCS project in the world while others were still

being designed (Lake et al. 2016). Though the portfolio for large — scale CCS

projects increased from 8 in 2010 to 15 in 2017, about 22 is expected to be

commissioned on or before 2020 (Lipponen et al. 2017). The most promising way

to reduce greenhouse gases is through CCS (llinova et al. 2018). Capturing CO2

and preventing it from entering the atmosphere is capable of reducing global CO:2

emissions by about 19 % (Selma et al. 2014).

Pipeline transportation is the preferred means of transporting CO2 on land. For
this reason, more pipelines shall be constructed as the Paris Agreement is

implemented by many countries. The world had about 7,000 km of various



diameter CO2 pipelines, but requires about 360,000 km of new CO2 pipelines

worldwide (IEA GHG 2014). This means that about 353,000 km of new CO2

pipelines are to be constructed up to the year 2050. It is projected that the USA
alone will build up to 37,000 km of new CO:2 pipelines before the year 2050

(Dooley et al. 2009), which is over 10 % of the projection for new CO2 pipelines

worldwide.

The COz2 released from industrial processes is captured and transported to sites
where it is stored underground. The captured CO:2 is impure and contains several
impurities including CHas, N2, SOz, H2S, CO, Oz, NHs, Hz, Ar, H20, etc. (Rehan et
al. 2017). Pressure, temperature, density, viscosity, critical pressure and
temperature, phase envelope, etc. are all affected by the type of impurities in the
CO:z2 fluid and the concentration of the impurities. Understanding the impact of
impurities on CO:2 pipeline transportation is required to optimise the design of
these pipelines. This chapter presents the effects of the impurities assuming the
same constant concentration for all impurities and at concentrations at the

specified maximum for each impurity.

CO2, the most common anthropogenic pollutant (Caravaggio et al. 2019) is

purified after capture and transported in pipelines to storage sites and stored in

underground sinks (Piippo et al. 2018). Though it is understood that pipelines are

the preferred means of transportation on land, they were found to be cost-

inefficient when transporting small volumes over long distances (Jakobsen et al.

2017).

There are three major components of CO2 Capture and Storage (CCS) process

or CO2 capture, transportation and storage (CCTS) (Wang and Lawal 2013)




process: capture, transportation and storage/sequestration. Figure 1 is a pictorial
of the CCTS process. After capture, CO2 is compressed before it is fed into the
transporting pipeline. Along the pipeline, CO2 is compressed to provide pressure
for transportation and to keep it above supercritical pressure. At the storage
location, COz is compressed to overcome the in-situ pressures in the storage
reservoir while pumping it down. Pipelines are the most common means of

transporting CO2 on land and competitive with ships offshore (Joana et al. 2011).

It has been shown that pipelines have about 10 % lower CO:2 transportation costs

than ships (Luo et al. 2014a). COz2 is in a gaseous phase at standard pressure

and temperature (STP), i.e. at 0.101325 MPa and 15.6 °C, but for efficient

transportation, it is conditioned to a dense phase: supercritical or liquid state.

CO2 COz2 pipeline CO.

Capture Storage/use

- Use in industries

] Sﬁi{f”e' - Depleted oil and
i gas fields
combustion

- Saline aquifers
- Deep ocean beds
- Unminable coal

- Pre-combustion

Figure 1.1: Schematic of the CCS components.

1.1 Properties of pure CO2

CO: is a non-polar, colourless, and odourless gas at atmospheric pressure and

temperature. It has a triple point at -56.6 °C and 0.52 MPa, critical pressure of

7.38 MPa and critical temperature of 30.9782 °C (Antonie Oosterkamp 2008).
Figure 1.2 shows the pressure — temperature (P — T or phase) diagram of pure

COa. It is about 1.67 times denser than air with a density of about 1.9 kg/m3.



Above the critical pressure and temperature, CO2 exist as a supercritical fluid

having the density of a liquid and the viscosity of a gas.

The phase diagram of CO2 with impurities has a two-phase region. See Figure
1.3 for the phase diagram of four CO2 pipeline fluids. The bubble point curve and
the dew point curve meet at the critical point. The fluid exists as a single
supercritical fluid at pressures and temperatures above the critical point. Within
the bubble point and dew point curves, the fluid exists in two-phases (gaseous
and liquid phases). The fluid exists as a liquid above the bubble point curve and

as a gas below the dew point curve.
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Figure 1.2: Phase envelope of pure CO2 (Coquelet et al. 2017).
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Figure 1.3: Phase envelopes of the selected pipeline fluids.

1.2 The CO2 capture, transportation, and storage (CCTS) process

CCTS is a three-stage process; capture, transportation, and storage (see Figure
1.1). The COz2 is captured from the flue gas released from industrial processes.
This captured fluid is compressed before it is fed into the pipeline for
transportation, with possibly further compression during transportation. The CO2
is compressed to overcome the in-situ pressures in the reservoir during injection

for storage.



1.2.1 CO2 capture processes

The capture of CO2 from power plant or industry fuel stream or flue gas or natural
gas streams is by chemical solvent absorption or physical adsorption. Chemical
solvents used in the capture of COg2, preferentially absorb CO:2 but are
disadvantaged by the thermal regeneration and degradation while physical
adsorbents have good pressure swing regeneration and better thermal

degradation but limited selectivity for CO2 (Rainbolt et al. 2011). CO2 capture from

large point sources such as combustion power plants, cement factories, and other
large emitting sources is an advanced technology and in operation in some
countries. However, capturing CO2 emissions from the transportation sector,

residential and other smaller commercial sectors may be difficult (Loaiciga 2013)

and is not practiced in any country. The emissions from these sources could be
significant as shown by the emission percentages in the United States (see Table
1.1). Of these, the emissions from large volume concentrations or industrial

sources are the targets for capturing.

Pre-combustion, oxy-fuel and post-combustion are the three methods of
capturing CO:2 from industrial sources. Pre-combustion capture is done before
the thermal process and entails coal gasification or natural gas reformation with
Oz, producing mostly CO2, CO and H:z and finally CO2 and H: after the conversion

of CO with steam (see Equation 1.1) (Kanniche et al. 2010). An absorbent or

adsorbent separates the CO2 from the Hz, which is used as fuel for the generation

of electricity or heat.

In the oxy-fuel combustion method, Oz of about 97% purity used in the

combustion process results to exhaust gases with a high percentage and patrtial



pressure of CO2. The CO2 from oxy-fuel can easily be made up to 99% purity by

condensing the water out (Kanniche et al. 2010).

Table 1.1: Percentages of emission sources (Loaiciga 2013).

Sector % of emissions
Commercial 18.5
Industrial 27.5
Residential 20.7
Transportation 33.3

For post-combustion capture, the COz2 is separated from the exhaust gases after
combustion of the fuel (coal, crude oil, natural gas, etc.) with air. Chemical
absorption is mostly employed in post-combustion capture due to the low partial
pressure of the CO:2 in the exhaust (flue) gas. Different capture processes result
to different impurities and varying concentrations of impurities (see Table 1.2).

Post combustion capture has the highest purity level with up to 99 vol. %.

The most expensive component of the CCS process is capture, making up about

50% (Kang et al. 2014), or up to 90% including the cost of compression

(Middleton and Bielicki 2009) of the total cost of CCS. Captured CO2 meant for

transportation must meet standards before it is fed into the pipeline. This captured
CO2 contains impurities that are not desirable for transportation and/or
storage/usage. Impurities like SOx, H2S and NOx have destructive effects on
transportation and storage components of the CCS process and H20 has the

tendency to corrode pipes and form hydrate.

To attain supercritical state, the captured CO:2 is compressed to pressures and
temperatures above the critical values before it is pumped into the pipeline for

transportation (Witkowski et al. 2014b). Table 1.3 lists the limits specified for CO2
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pipeline fluids in enhanced oil recovery (EOR) operations. Table 1.4 shows some

planned and operational CCS projects (Forbes et al. 2008). Some of these

projects, e.g. the Total Lacq CCS project, are fully integrated projects with

capture, transportation and storage components (Cieutat et al. 2009).

Table 1.2: Impurities (in volume) from different capture methods (Antonie
Oosterkamp 2008).

Component Post Combustion Pre - Combustion Oxyfuel
CO2 > 99 % >95.6 % > 90 %
CHa <100 ppm < 350 ppm --

N2 <0.17 % <0.6% <7%
H2S Trace <34% trace
Co+ <100 ppm <0.01 % --
(6{0) <10 ppm <0.4% Trace
O2 <0.01 % Trace <3%
NOx <50 ppm -- <0.25%
SOx <10 ppm -- <25%
H2 Trace <3% Trace
Ar Trace <0.05% <5%

Table 1.3: Specification for enhanced oil recovery fluids (Global CCS _Institute

2012)
Constituent Specification Reason
CO2 95% minimum MMP
Nitrogen 4% maximum MMP
Hydrocarbons 5% maximum MMP
Water 480 mg/cubic meter max Corrosion
Oxygen 10 ppm max Corrosion
H2S 10-200 ppm max Safety
Glycol 0.04 ml/cubic meter max Operations
Temperature 65" C max Material Integrity
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Table 1.4: Planned and operational CCS projects (Forbes et al. 2008)

Project Location Feed Size (MW) Capture Start-up
Name Process Date

Total Lacq France Oil 35 Oxy-fuel 2008

AEP Alstom MountaineerUSA Coal 30 PostC 2008
Callide-A Oxy Fuel Australia Coal 30 Oxy-fuel 2009
GreenGen China Coal 250/800 Pre-C 2009
Williston USA Coal 450 Post-C ~ 2009-15
NZEC China Coal Undecided Undecided2010

AEP Alstom USA Coal 200 Post-C 2011
Sargas Husnes Norway Coal 400 Post-C 2011
Scottish & Southern UK Coal 500 Post-C  2011-12
Naturkraft Karstg Norway Gas 420 Post-C  2011-12
Fort Nelson Canada Gas Gas Pre-C 2011
ZeroGen Australia Coal 100 Pre-C 2012

WA Parish USA Coal 125 Post-C 2012

UAE Project UAE Gas 420 Pre-C 2012
Appalachian Power USA Coal 629 Pre-C 2012
RWE npower Tilbury UK Coal 1600 Post-C 2013
Tenaska USA Coal 600 Post-C 2014

UK CCS Project UK Coal 300-400 Post-C 2014
Statoil Mongstad Norway Gas 630CHP Post-C 2014
RWE Zero CO2 Germany Coal 450 Pre-C 2015
Monash Energy Australia Coal 60,000 bpd Pre-C 2016
Powerfuel Hatfield UK Coal 900 Pre-C Undecided
ZENG Worsham-Steed USA Gas 70 Oxy-fuel Undecided
Polygen Project Canada Coal 300 Pre-C Undecided
E.ON Karlshamn Sweden Oil 5 Post-C  Undecided

1.2.2 COz2transportation

The link between CO:2 capture and storage is transportation. Usually, CO2

sources and storage locations do not occur close together. Therefore, a means

of transportation is required to move the CO: fluid from the source to the storage

location.

Although transportation may be the least expensive component of the CCS

process, when it comes to guidance and planning, it may be the most demanding

(Neele et al. 2011). On land, pipelines, truck tankers, and railcars are employed

in the transport of CO2 while offshore transportation requires the use of ships and
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pipelines. Large volume transportation of CO2 on land is most economical by
pipeline and in offshore transportation, pipelines are competitive with ships

(Parfomak and Folger 2007). Pipeline COz is specified by the US Department of

Transportation as a compressed supercritical fluid consisting of more than 90 %

CO2 molecules (Forbes et al. 2008). COz2 transportation in the US is mostly for

enhanced oil recovery (EOR) and it is from natural CO2 sources. Table 1.5 shows
some typical compositions of existing pipelines and impurity ranges for the three
types of CO2 capture processes.

Table 1.5: CO; Pipeline and CCTS fluid compositions (vol %) (Antonie
Oosterkamp 2008; Patchigolla and Oakey 2013).

Denbury Canyon

Weyburn Oxy-fuel Pre —
%o, pipeline _CO_Z Re-ef Post comb. comb. comb.
pipeline Carriers

CO2 96 > 95 > 85 >99 >90 >95.6
N2 <0.03 <4 <0.5 <0.17 <7 <0.6
CHa 0.7 <5 <15 <0.01 - <0.035
H2S 0.9 0.0015 <0.002 trace trace <34
O2 0.005 - - <0.01 <3 trace
CO - - - <0.001 <trace <04
NOx - - - <0.005 <0.25 -
SOx - - - <0.001 <2.5 -
H2 trace - - trace <trace <3
Ar - - - trace <5% <0.05
H20 0.002 0.047  0.005wt. 0.14 0.14 0.14

Storage sites for CO2 are usually offshore or far away from CO2 sources, so the
demand for pipelines for transportation may increase in the near future

(Zargarzadeh et al. 2013). Knoope (2015) stated that between 6,000 to 7000 km
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of CO2 pipelines exist worldwide with most of them in the United States
transporting CO:2 fluids for EOR. The projection is that world total pipeline length
will increase to about 100,000 km in 2030 for the expected volume of 1.4 Gt and

to about 200,000 km for about 2.2 Gt in 2050 (IEA GHG 2010). Knoope et al.

(2015) put the projected length of pipelines by 2050 at between 200,000 km and
550,000 km. The figure for Europe is between 5,000 km and 15,000 km in 2030

and 11,000 km and 17,000/20,000 km in 2050 (Morbee et al. 2012; Knoope

2015). There is therefore need to understand all aspects of CO:2 pipelines and
effectively design and build them to transport CO2 from the source(s) to the

sink(s) (Mazzoldi et al. 2008).

In the development of a suitable COz2 pipeline, it is necessary to consider pipeline

integrity, operation, flow assurance, and health and safety (Lazic et al. 2014).

The physical properties of the flowing fluid determine the CO:2 pipeline
parameters. There have been several studies on the behaviour of rich CO: fluids
in various phases but the operational pressure and temperature of CO:2 pipelines

make the behaviour unusual (Lazic et al. 2014; Zahid et al. 2014). Therefore,

there is need for CO: pipelines to be specifically designed for good performance,

safe operation and low cost (Zahid et al. 2014).

The IEA GHG (2002) report identified the stages of CO:2 pipeline operations to

include; design, construction and operation. Parameters that affect CO2 pipeline
design include, corrosion protection, over-pressure protection systems,
protection from damage, pipe wall thickness, access route, monitoring and safety
facilities, etc. A complete CO:2 pipeline design will involve determining the

physical properties of the process stream, selecting an optimal pipeline size,
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pipeline pressure requirement, knowledge of pipeline route topography,

geotechnical considerations and the local environment (Lazic et al. 2014).

1.2.3 COz2 storage

Geologic formations having sufficient porosity and permeability can store COx.
These formations (saline aquifers and depleted oil and gas reservoirs) must be
of sufficient depth at pressures high enough to keep the injected CO: in dense
phase (supercritical or liquid state) and be competent enough to hold the injected

CO2 preventing leakage back to the surface. |[EA GHG (2005) studied the

following storage options:

e Deep saline aquifers.

e Abandoned hydrocarbon fields.

¢ OQil field with incremental oil production (EOR).

e Deep unminable coal seams with CH4 production.

The technical storage capacity of these reservoirs was determined after
compiling geological storage data for CO2 storage and developing cost curves for
each option. Aquistore, an independent and monitoring project, seeks to show
that it is safe to store liquid CO2 in deep underground (brine and sandstone water

formations) (Worth et al. 2014). The geologic parameters considered in the

Aquistore project include depths more than 800m, groundwater, mineral and
energy sources protection, adequate capacity, injectivity, and competent seals
restricting upward migration and risk of CO2 leakage back to the surface to

endanger the public.
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Besides geologic characteristics, proximity to the source, ease of pipeline route,
and availability of rights to the surface were also considered in the Aquistore

project (Whittaker and Worth 2011). A good candidate for CO2 storage would

then be a reservoir with adequate capacity, good pressures, and competent
seals/cap rock to prevent CO2 migration to the surface. Table 1.6 presents some
existing and proposed CO:2 storage projects as at 2008. The projects that have

been commissioned was not confirmed.

Table 1.6: Existing and Proposed CO:2 Storage Demonstration Projects (Forbes

et al. 2008)
Project Location COz2 Source Size Start
MMtly Year
Sleipner Norway Gas Proc. 1 1996
In Salah Algeria Gas Processing 1.2 2004
Zama Canada Gas Processing  0.067 2006
Snohvit Norway LNG Processing 0.7 2008
Ketzin Germany H2 Production 0.03 2008
Decatur lllinois, U.S. Ethanol Prod. 0.3 2009
Cranfield uU.S. Gas Processing 1 2008-9
TAME Ohio, U.S. Ethanol Prod. 0.28 2011
Lindach Australia Industrial 0.3 TBD
Casablanca Spain Refinery 0.5 TBD
Weyburn Canada Coal Gasification 1 2000
K12-B Netherlands Gas Processing 0.2 2004
Gorgon Australia Gas Processing 3.3 2009
Entrada Colorado US Gas Processing 1.1 2008-12

There have been several estimates of the storage capacity in the UK with widely
varying figures. A major reason for the different values is due to the assumptions

made, e.g. the pore volume. The UK saline aquifer storage capacity was
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estimated to be about 78 Gt by Bentham et al. (2014). An earlier estimate puts

the capacity of the Southern North Sea at about 14 Gt which can hold 89 years
of CO2 emissions and oil and gas fields’ storage capacity of about 6.2 Gt which
is enough to hold 35 years CO2 emissions from the power sector at 2006 emission

levels (Gough et al. 2006).

1.3 World COz2 pipelines

There are just over 6500 km of CO2 pipelines in the world (IEA GHG 2014), an

increase from 2400 km in 2007 (Towler et al. 2007). Of these pipelines, the US

alone has over 6000 km of CO:2 pipelines (Dooley et al. 2009; Noothout et al.

2014). As stated by Chandel et al. (2010), the US had over 2500 km of pipeline

in 2010 transporting 50 million tonnes of CO2 annually, while as at 2013, Europe

only had about 500 km of CO:2 pipelines (Forgacs and Horanszky 2013). Table

1.7 lists some existing and planned CO:2 pipelines (IEA GHG 2014). Of the

pipelines listed in Table 1.7, there is only one project each located in Africa,
China, Germany, Australia and France. It is expected that after the signing of the
Paris Agreement, many more countries will implement CCS and more CO:

pipelines would be built around the world.

In Table 1.7, the Peterhead and White Rose projects were reported as planned
but both projects were cancelled. The UK government cancelled the £1 billion
CCS Competition on the 25" November 2015 essentially stopping contracts for
both the Peterhead and the White Rose CCS projects. The former UK prime
minister, David Cameron, was quoted as saying that Carbon capture and storage
is £1 billion of capital expenditure - £1 billion that we could spend on flood

defenses, schools or the health service — but even after we've spent that £1
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billion, the economics of carbon capture and storage really aren’t working at the

moment (Duckett 2016).

Table 1.7: Some existing and planned CO:2 pipeline projects (IEA GHG 2014).

Project name Length (Mtpa) D (mm) Status Country
(km)

1 Quest 84 1.2 324 Plan CAN
2  Alberta Trunk line 240 15 406 Plan CAN
3  Weyburn 330 2.0 305-356 Opt CAN
4 S BDam 66 1.2 Plan CAN
5  Beaver Creek 76 - 457 Opt USA
6  Monell 52.6 1.6 203 Opt USA
7  Bairoll 258 23 Opt USA
8  Salt Creek 201 4.3 Opt USA
9  Sheep Mountain 656 11 610 Opt USA
10 Slaughter 56 2.6 305 Opt USA
11 Cortez 808 24 762 Opt USA
12 Central Basin 231.75 27 406 Opt USA
13 CanyonReef Carriers 225 - 324-420 Opt USA
14 Chowtaw (NEJD) 294 7 508 Opt USA
15 Decatur 1.9 1.1 Opt USA
16  Snohvit 153 0.7 Opt NOR
17 Peterhead 116 10 Canc. UK

18 White Rose 165 20 Canc. UK

19 ROAD 25 5 450 Plan NLD
20 OCAP 97 0.4 Opt. NLD
21 Lacq 27 0.06 203-305 Opt. FRA
22 RNQ 30 0.5 Plan DZA
23 Qinshui 116 0.5 152 Plan CHN
24 Gorgon 8,4 4 269-319 Plan AUS
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1.4 Simulation software

Three different simulation software Aspen HYSYS, gPROMS, and HydraFlash
were used in this research. Aspen HYSYS is an industry leading simulation
package used for oil and gas, refining, and general engineering process.
gPROMS is a general Process Modelling System with the ability to simulate,
optimise and estimate parameters in both steady-state and dynamic simulations.
HydraFLASH is a gas hydrate and thermodynamic prediction software which
calculates the physical properties and phase equilibria of petroleum reservoir

fluids.

1.5 Scope of research

With nearly all countries signing the Paris (Climate) Agreement, billions of dollars
are expected to be spent for the design and construction of CO: pipelines around
the world. Therefore, there is need to fully understand the flow dynamics of CO2
fluids in pipelines in both steady and dynamic states and design them for optimal
operation. Most available models use pure COz2 ignoring the effects of impurities
in the determination of pressure drop and/or diameter calculations. The scope of

this research is stated below.

e There are several impurities found in COz2 fluids flowing in pipelines but
only the impurities that have significant impact on the parameters (Nz,
CHa, H2S, SO2, NHs, Ar, CO, O2, Hz2, H20) are considered. Impurities with
negligible concentrations were ignored.

e The effect of the common impurities on the density, viscosity, critical
pressure, critical temperature, phase envelope, pressure and temperature

changes are investigated.
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e Only steady state flow is considered in this study. Dynamic flow during
start-up and shutdown or ramp up and ramp down is not considered.
e Thermodynamic analysis of subcritical and supercritical flow is also

investigated to see which state of fluid transportation is preferable.

1.6 Aim and objectives

The aim of this research is to investigate the effect of impurities on the
transportation of COz fluids in pipelines. All impurities impact on the
thermodynamics of rich COz2fluids. Lacking in the available literature is the effects
of each COz2 impurity on the flowing fluid in the pipeline. This research will study
the effect of all common impurities in CO2 pipelines (N2, CH4, H2S, SO2, CO, Hy,
Ar, NHsz, and O2) and supplement the existing knowledge. The observed effects
of the impurities are used to convert pure COz properties to binary fluid properties

for the design of CO:2 pipeline transportation.

The objectives include:

e Study the effects of impurities on the pressure losses, temperature
changes, critical pressure, critical temperature, and phase envelope using
process simulation software e.g. gPROMS and Aspen HYSYS.

¢ Indicate the impurities with adverse effect on each property/parameter for
effective design of CO:2 pipelines.

e Itis unclear which fluid state is preferrable for pipeline transportation. This
research thermodynamically analyses supercritical and subcritical CO2
fluids flowing in pipelines and show the preferrable fluid state for pipeline

transportation.
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e To analyse the impact of the impurities at equal concentrations and at the
maximum allowed concentrations and rank the impurities according to the

degree of their impacts.

1.7 Thesis structure

This thesis is arranged in seven chapters and the chapters are presented as

follows:
Chapter 1: Introduction

The general overview of the carbon dioxide capture, transportation, and storage
process. The three common capture processes, oxy—fuel, pre — combustion, and
post — combustion, and their impurity concentrations were briefly discussed.

Actual CO2 pipelines and their impurities were also mentioned.
Chapter 2: Literature Review

A critical review of the current state-of-the art that is accessible in the available
literature was conducted. These include CO:2 fluid impurities, flow parameters,
density, viscosity, gas hydrates, pressure and temperature behaviour, etc. A
comprehensive review of COz2 pipeline design including pipeline route, right of

way, flow rates, pipeline wall thickness, temperatures, and pressures was done.
Chapter 3: Research methodology

The equations used in the two software were presented. Several equations used
in the computation of the various parameters were considered. Where possible
the same equations were used in both Aspen HYSYS and gPROMS to see how

both software performed relative to each other and available data.

Chapter 4: Simulation of the effects of single impurities in COz2 pipelines
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The impact of the impurities at equal concentration and at the maximum allowed
concentration in CCS was analysed. This Chapter shows the effect of each
impurity on the thermodynamic properties of COz2 fluids flowing in pipelines. The
knowledge presented in this chapter has provided necessary data bridging the
gap in the available literature. At equal concentration, Hz, was found to have the
greatest impact on pressure loss, critical pressure, temperature change, and
density. SOz has the greatest effect on critical temperature. At the specified
maximum concentrations, N2 having the highest concentration, has the worst
impact on pressure loss, density, critical pressure, critical temperature, phase
envelope, and temperature. At 6.5 mol % concentration, H20 has the maximum
increase in viscosity. The impact of impurities at equal concentrations and at
permitted concentrations is a useful guide during design to analyse the necessary
parameters for optimisation. Generally, gases with lower molecular weight will
result in lower pressure losses in inclined pipelines. These same gases will result
in lower pressure gains or higher pressure losses in declined pipelines. Molecular
weight of gases is directly proportional to pressure loss in inclined pipelines but

inversely proportional to pressure loss in declined pipelines.
Chapter 5: CO2 Pipeline Transportation: Supercritical or Subcritical Flow

The question of the better fluid state, supercritical or liquid/subcritical, in which to
transport CO:2 in pipelines was answered in this chapter. It clearly shows that
transporting COz in subcritical state is more economical than transporting it in
supercritical. More volume of fluid is transported for longer distances under
subcritical flow than supercritical flow. Transporting fluid for longer distances may
require fewer boosting stations in long distance pipelines saving both capital and

operational costs. The evidence presented in this chapter can be used to review
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the requirement or specification for supercritical fluid state in CO2 pipeline
transportation. By holding the inlet pressure constant, at above the critical value,
and varying the temperature, it was shown that lower fluid temperature results to
overall lower pressure losses. Subcritical fluids performed better in all parameters
studied. Therefore, transporting CO2 fluid as a subcritical fluid is better than

transporting it as a supercritical fluid.

Chapter 6: Modelling of the effects of impurities

Equations to convert pure CO2 parameters to impure COz2 fluid parameters in
CCTS operations were developed and presented in this chapter. CO2 pipeline
design parameters obtained assuming pure CO: fluids can easily be converted
to impure CO2 parameters using these equations. The temperature change of

buried pipelines was also investigated in this chapter.
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Chapter 2: Literature Review

2.1 Introduction.

In this section, a review of CO2 pipeline design and the impact of impurities found
in CO2 fluids, the fluid parameters affected by these impurities is presented. The
parameters include thermodynamic properties (temperature, pressure, and
density), miscellaneous properties (viscosity, and vapour pressure) and
kinematic properties (velocity). The current CO2 pipeline design equations and
parameters are discussed. To study the effects of impurities on CO2 pipeline
transportation, flow parameters affected by the impurities are studied. The results

are used to quantify the effect of each impurity.

2.2 Modelling CO2 flow in a Pipeline.

The traditional model of fluid flow is based on the Navier-Stokes equations which
were derived in the 1840s on the basis of conservation laws and first-order

approximations (Wolfram 2002). The modelling of fluid flow requires the solution

of a system of partial differential equations. These equations are based on the

conservation of mass, momentum, and energy at each point along the pipeline.

The motion of a fluid is governed by mass, momentum, and energy conservation
laws. Inaccurate predictions of fluid properties could result in differences from
experimental values. For example, a wrong value of density would result in a
wrong pressure drop value. Fluid/fluid or fluid/wall interactions create frictional
pressure loss, which is always present in fluid flow. In inclined pipelines, the effect
of gravitation may supersede the frictional pressure loss and govern the flow
behaviour. The Navier-Stokes equations are used to formulate a complete model

of fluid flow. The equations consider the changes in fluid properties with time and
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in the three spatial directions. The solution of the three-dimensional problem is
complex and not necessary because a one-dimensional flow model is sufficient
for COz2 fluid flow in pipelines. The following assumptions are made to simplify the

solution but still maintain the accuracy.
e Flow in the pipeline is one-dimensional
e Homogeneous equilibrium fluid flow (HEM).
e Constant cross-sectional area of pipeline.
2.2.1.1 Conservation of mass

The mass conservation equation can be derived by applying the mass balance
for a finite element (Ax) of fluid. Figure 2.1 show a finite element of a fluid flowing

in a pipeline.

Figure 2.1: Pictorial of elemental volume of a fluid in pipeline

In a flowing fluid the mass accumulation is equal to the mass into the element

minus the mass out of the element. Mathematically,
24V pUI=0 (2.1)
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p1urA = pauyA (2.2)

Writing Equation 2.2 in differential form.

%flz p(x, t) Adx = (p1usA); — (pu24)¢ (2.3)

The continuity equation for one-dimensional fluid flow in circular pipes can be

written in terms of the density as:

dp du
E-I—pa— 0 (2.4)

Where p is the density, u is the velocity in the x direction, t is the time, and x is
the fluid density. By expanding and applying thermodynamic transformations,

Equation 2.4 can be written as:

dp = (g—i) dp + (i—’s’)p ds (2.5)

N

The density of the fluid changes with time as it flows in the pipeline according to

Oke et al. (2003)

aewrlar (1 57) Tl 26

Where, a is the speed of sound, h is the enthalpy, P is the pressure and T is the

temperature. Also,

a? = (g—Z)S 2.7)
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Where, k is the isothermal coefficient, ¢ is the isobaric coefficient, Cp is the
specific heat at constant pressure and y is the ratio of specific heats. The
continuity equation can be expressed as in Equation 2.9 by substituting Equation

2.6into 2.4.
dP dh )
(T + @) === ppp— + p?a’*T= =0 (2.9)
2.2.1.2 Conservation of momentum

The sum of the forces acting on a fluid particle in motion is equal to change in
momentum of the particle. The momentum conservation equation can be derived
from Newton’s second law. Considering the gravitational, frictional and pressure
forces acting on a fluid particle, the momentum balance equation may be derived

in the x-direction. (Martynov et al. 2013).

5 su | 8P
'05_1: pué ol (2.10)
a= —(fpz—l;lul) + pg sin 6 (2.11)

Where, f is Darcy Weisberg friction Factor, 0 is angle of pipeline inclination to

horizontal, D is pipeline internal diameter, and g is gravity acceleration constant.

2.2.1.3 Conservation of energy

Considering the first law of thermodynamic, the energy balance for a fluid element

in motion can be presented as (Mahgerefteh et al. 2016).

dE
p E = Wshear + Wext + Wn + Gconv. + qcond. (2.12)

Where, E is the total energy per unit mass of the fluid, Wshear is work done by

the viscous forces inside the fluid, Wex: is the work done on the fluid by other
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external forces, Wh is the work done by the pressure forces on the fluid, qconv.
is the heat transferred by fluid convection, and gcond.. IS the heat transfer by
conduction. If no work is done on or by the fluid and neglecting the heat

conduction, the complexity of the energy equations, Equation 2.12 reduces to:
P = W + Geons, (2.13)

The total energy E of the fluid is given by:
E=i+ %uz + gz (2.14)

Where, i is the internal energy of the fluid, z is the vertical elevation of the fluid
element, and u is the velocity in x direction. The second and third terms represent

the kinematic energy and potential energies of the fluid.

2.3 COz2 Fluid Impurities and parameters

The CO: transported in pipelines from the source to the storage location is
impure. Anthropogenic activities churn out millions of tonnes of CO2 every year.
Carbon capture and storage (CCS) plays a vital part in mitigating the release of
CO:z2 into the atmosphere. The world is only gradually implementing CCS, even
after the Paris Climate Agreement came into effect in November 2016. In Europe,
there are two large scale CCS projects in operation; seven large CCS projects
under construction and plans for additional eighteen that will bring the total to

over forty by the year 2025 (Jakobsen et al. 2017). In Scotland where a reporting

threshold of 10,000 tonnes is specified, eighty- eight CO2 emission sites reported

a total of 19.1 Mt in 2014 (Brownsort et al. 2016). The released COz2 is usually

with other gases. These other gases (or impurities), where it is transported in

pipelines, affect the flow properties of the fluid. There has not been much
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academic research on the effects of impurities on rich CO2 streams in pipelines.
Therefore, the current available models for CO2 pipeline design have generally
assumed pure CO2. Any impurity present in the fluid may change the phase
behaviour and physical and thermodynamic properties of the mixture such as
pressure and temperature behaviour, critical pressure and temperature, or create
a two-phase region where liquid and vapour co-exist thereby making pure CO:2
models inadequate. Although, some models exist in literature for binary and
ternary mixtures of CO:z fluids, there is none to address all impurities found in the
stream. This project is aimed at bridging that gap by considering all common

impurities found in COz2 pipeline fluids.

The impurities generally affect the fluid flow properties and affect the cost of

transporting CO2 (Coquelet et al. 2014). The effect of impurities on the cost of

transportation is outside the scope of this study. A wide range of pressures and

temperatures are encountered in CO2 pipeline transportation. Li et al. (2011a)

and Coquelet et al. (2014) gave the range of pressure and temperature

encountered in the transportation of COz2 fluids to be between 0.5 and 20.0 MPa
and -55 and 30 °C respectively, though some other authors have put the

maximum temperature as high as 50 °C (Farris 1983; Wetenhall et al. 2014b). In

COz2 pipeline transportation, the pressure is always maintained above critical
value to avoid gaseous or two-phase flow, but the temperature may be allowed
to drop below critical value. The determination of thermodynamic properties of
CO:2 mixtures in several combinations of pressure and temperature is crucial to

the accurate design of pipelines transporting rich CO2 fluids.
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2.3.1 COg fluid impurities

Captured CO:z2 is never 100% pure and there are several impurities in impure COz2
fluids. The common impurities in CO2 pipeline streams include; nitrogen (N2),
hydrogen (Hz), methane (CHa), hydrogen sulphide (H2S), sulphur dioxide (SO2),
carbon monoxide (CO), oxygen (O2), ammonia (NHs), Argon (Ar) and water (H20)

(Ke et al. 2017). In this project, all these impurities are studied at their maximum

allowable concentrations. CO2 stream impurities could be classified into three
categories; fuel oxidation, excess oxidation, and process fluids (Porter et al.
2016). There are sources from which the impurities enter the COz fluid. The air
used for combustion contains CO2, N2, Oz and Ar. The combustion of carbon —
based compounds produces COz.. If there is incomplete combustion, CO may be
produced. Water vapour and oxides of N2 are products of H2 combustion and the
combustion of N2, respectively. Oxides of N2 constitute only minimal
concentrations in CCS and are ignored. An elaborate source of impurities, the

reasons for their limitations and classifications are given in (Porter et al. 2016).

The flue gas from the power plant is termed lean CO2 and may have a typical

CO2 concentration of about 15 % (Aaron and Tsouris 2005) or below 17 %

(Kikkinides et al. 1993). The percentage of gases in the flue gas depends on the

composition of the feed (natural gas, coal, oil, biomass or a composition of them),
and type and efficiency of the combustion process. CO2 gases from natural
sources typically have higher percentages of CO2. After capture, the percentage
of COz2 in the gas stream may increase to over 90 %. The balance consists of
impurities, which are undesired because they adversely affect the flow and
behaviour of the fluid. The capture process purifies the CO2 before it is

transportation, but it is expensive to remove all impurities in the CO2 fluid. It may
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be more economical to leave some small percentage of impurities in the stream

than removing them completely.

Thermodynamic properties, phase behaviour, and viscosity are all affected by the

impurities in the stream (Antonie Oosterkamp 2008). Impurities in the CO2 stream

also affect the number and the design of the pressure boosting stations. With
impurities, the critical pressure is higher leading to higher pressures required to

maintain the fluid in dense phase (Antonie Oosterkamp 2008). Ice and/or gas

hydrate may form and block or restrict flow if H20 is present (Chapoy et al. 2014).

To avoid hydrate formation, H20 in the CO:2 pipeline fluid is reduced below 30

lbs/MMscf or 0.00048 kg/m?3 (Race et al. 2012). Hydrates were not observed to

form under the pressure and temperature range considered in this study and was

ignored. Interested readers may see Chapoy et al. (2014) for modelling of

hydrate formation in CO2 binary mixtures.

Different impurities and/or concentration of impurities left in the CO2 fluid is also
determined by the capture process. The major impurities from an oxy-fuel capture

process will be Ar, N2, Oz and H20 (Chapoy et al. 2013). For a pre-combustion,

which result to a purer CO:2 fluid, it is Hz, H2S and H20. While for a post-
combustion capture, even purer than pre-combustion, it is mainly N2 and H20.
CO:2 from natural sources may also contain CHas at a high percentage as seen in
CO2 pipelines in the US. Table 2.1 shows some pipelines with the actual

compositions.

30



Table 2.1: CO2 pipeline stream concentration in mol % (Patchigolla and Oakey

2013).
Canyon Central Sheep Cortez Wevburn Jackson
Reef Basin Mountain  Pipeline y Dome

CO2 85-98 98.5 96.8 -97.4 95 96 98.7 -99.4
CHa 2-15 0.2 1.7 1-5 0.7 Trace
N2 <05 <05 0.6-0.9 4 <0.03 Trace
HS <0.02 < 0.02wt 0.002 0.9 Trace
Co+ 0.3-0.6 Trace 2.3
CO 0.1
o <0.001wt <

2 ' 0.005wt
H2 Trace
H20 0.005wt 0.0257wt 0.0129wt  0.026wt 0.002 v

Two or more CO2 streams may mix in a trunk line and change the initial

composition from any single pipeline. When this happens, the new composition

has to be determined to model the flow in the trunk line. The modelling of the

composition even from a single source from time to time may be necessary as it

can change over time (Brown et al. 2015). The composition of the fluid stream

affects the phase envelope, density, gas hydrate formation, viscosity, and

pressure and temperature changes as the fluid flows in the pipeline. Depending

on the type of feed fuel, purity of the feed fuel and the capture process, the

concentration and number of impurities may be large, see Table 2.2 and Table

2.3.
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Table 2.2: Minimum and maximum mole fractions of typical impurities in COz2

streams (Munkejord et al. 2016).

Component Min. % Max. %
CO2 75 99
N2 0.02 10
02 0.04 5
Ar 0.005 3.5
SO2 <0.001 15
H2S 0.01 15
NOx <0.002 0.3
CO <0.001 0.2
H2 0.06

CHa 0.7

H20 0.005 6.5
Amines < 0.001 0.01
NHs3 <0.001 3.0
COSs 0.01 15

Table 2.3: The minimum and maximum volume % of CO2 streams from capture

processes (Antonie Oosterkamp 2008)

Comp. Pre - combustion  Post combustion Oxy-fuel
Min Max Min Max Min Max
COz2 95.6 99.7 99.8 99.97 85 99.94
N2 0.03 1.3 0.021 0.17 0.01 7
CHa 0.035 2 - 0.01 - -
H2S 0.01 3.4 - - - -
SOx - - 0.001 0.01 0.007 2.5
NOX - - 0.002 0.01 0.01 0.25
CO 0.03 0.4 0.001 0.002 - -
Ar 0.03 1.3 0.003 0.045 0.01 5.7
02 0.03 1.3 0.003 0.03 0.01 7
H2 0.002 1.7 - - - -

32



2.3.2 COgz fluid vapour - liquid phase envelope.

CO2 may be transported a gas, subcooled liquid, subcritical or supercritical fluid
in pipelines. These different phases show different thermodynamic properties and
these properties are determined for the proper design of pipelines transporting
CO:z2 fluids. The gaseous transportation of CO2 is uneconomical except for short
distances due to the low volume and high-pressure losses. Subcooled liquid,
subcritical and supercritical fluid transportations are comparable in terms of costs
but pipeline CO2 transportation is mostly in the supercritical state (Forbes et al.
2008). The reason for this preference is unclear as liquid (or subcritical) fluid
transportation has clear advantages over supercritical fluid transportation,
including lower pressure losses and higher volumes transported (Zhang et al.

2006).

Phase envelope or Pressure-Temperature (P-T) diagram shows the physical
state of the fluid with various combinations of pressure and temperature. The P-
T diagrams are different for pure and impure CO:2 fluids. An undesirable two-
phase region appears with impurities and different impurities have different

degrees of effect on the phase envelope. Ahmad et al. (2014) showed that with

higher concentration of impurities, phase envelope had a wider expansion
between the dew point and bubble point curves. The two-phase envelope is a
zone where both liquid and gaseous phases coexist in equilibrium. The phase
transition zone (critical point) occurs at lower pressures for pure COz2 than for CO2
with impurities. Therefore, supercritical phases occur at higher pressures and
lower temperatures than pure CO2. These higher critical pressures translate to

higher energy costs for COz2 fluids with impurities. Ahmad et al. (2014) considered

5 % impurity at 5 °C and reported that N2 had the most effect on vapour — liquid
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transition zone with an expansion of 2.74 MPa, followed by O2 with an expansion
of 1.91 MPa, Ar had an expansion of 1.68 MPa and CH4 with an expansion of
0.96 MPa. Their analysis of 2.5% impurity at 5 °C showed reduced expansion of
the phase envelope with N2 at 0.94 MPa, Oz at 0.89 MPa, Ar at 0.68 MPa and

CHa at 0.46 MPa.

Goos et al. (2011) used GERG 2004 equation to predict the critical pressure and

temperature of 90 mol % CO2 and 10 mol % N2z to be 8.77 MPa and 22.51 °C.
Using the PR EO0S, the critical pressure and temperature was 7.4 MPa, 31 °C. A
difference of 1.37 MPa and 8.5 °C between GERG 2004 and PR Eo0Ss. They
further gave the critical pressure and temperature of 95 mol % CO2 and 5 mol %
N2 to be 8.11 MPa and 27.12 °C and of 80 mol % CO2 and 20 mol % N2 to be
10.22 MPa and 12.00 °C. The critical point of CO2/N2 mixture changed from 7.38

MPa and 31.06 °C at 0.01 mol % N2 to 10.55 MPa and 14.55 °C at 20 mol % No2.

These data in Goos et al. (2011) shall be used to compare with results of the

simulations at the same conditions. Chapoy et al. (2013) stated that the SRK EoS

can accurately predict the P-T profile of CO2 multicomponent systems, with
improved accuracy at higher temperatures, though the temperature range was
not specified. The critical pressure and temperature of CO2 (89.83 mol%), Oz
(5.05 mol%), Ar (2.05 mol%) and N2z (3.07 mol%) mixture was found to be 8.79

MPa and 23.75 °C.

If the critical pressure is equal to or higher than the cricondenbar, CO2 pipeline
fluids change phase from critical phase to liquid phase if temperature declines
below the critical value as long as pressures remain above the critical value. In a
situation where the critical pressure is less than the cricondenbar, (not seen in

CO2 fluids but common in oil reservoir gases), the flowing fluid enters the two-
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phase region when temperature drops below the critical value even though the
pressure remains about critical. Subcritical or uncooled liquid transportation is an
interesting scenario of transporting CO2 fluids without the added cost of cooling
the fluid. The two-phase region may occur either above or below the VLE line of

pure CO2. Wetenhall et al. (2014b) pointed out that impurities with higher critical

pressure and temperature will create two — phase regions below the VLE line of
pure CO2 and those with lower critical pressure and temperature will create two

— phase regions above the VLE line of pure COo..

2.3.3 Density of COz2 fluid

Density is an important parameter in the modelling of CO2 fluids in pipelines. The
accuracy of the available pressure loss models depends on the accurate
evaluation of density, friction factor and velocity or flow rate. Each impurity alters
the density of the mixture and to ensure accuracy, the correct density must be
evaluated before it is used in the pressure drop/diameter equations. Expectedly,
impurities lighter than CO2 will reduce the density of the mixture while heavier

impurities will have the opposite effect. Wetenhall et al. (2014b) found that the

relationship between density, pressure and temperature for COz2 fluids was non-
linear with a sharp discontinuity in density as the fluid changes from liquid to
vapour. Close to the VLE line, large changes in density values were observed for
small changes in pressure and temperature. Table 2.4 presents some density
values of CO2/N2 mixture at 11.0 MPa and 30 °C. From Table 2.4, it can be seen
that 5 %, 10 %, and 20 % concentration of N2 impurity reduced the density of the
CO2 fluid at 11 MPa and 30 °C by 14 %, 32 %, and 56 % respectively. Density

data for CO2 and H2 mixtures were presented by (Sanchez-Vicente et al. 2013).

Analysing the densities at 2 %, 7.5 %, and 10 % between 1.5 and 23 MPa and
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between 15 and 60 °C, it was found that 2 % of Hz impurity can reduce the density

of CO2 by as much as 25 % in the critical region.

Table 2.4: Density of CO2/N2 mixtures (Goos et al. 2011)

Gas % CO2 Press. p (kg/m?3)
. Temp.(°C)
mixture  (balance N2) (MPa) (GERG 2004)
1 100 CO2 30 11.0 792
2 95 COz2 30 11.0 681
3 90 COz2 30 11.0 536
4 80 CO2 30 11.0 343

The density of pure CO2 at temperatures between 7 °C and 100 °C and pressures
between 7.4 MPa and 30.0 MPa is between 150.0 kg/m® and 1000.0 kg/m3

(Tarafder _and Guiochon 2011). Within the operational pressures and

temperatures of CO:2 pipelines, Liu et al. (2017) experimentally determined the

density of 0.8988 CO2 and 0.01012 CH4 at 18 MPa to be 742.99 kg/m? at 30.02
°C and 711.77 kg/m?3 at 34.95 °C. Holding the temperature constant and varying
the pressure, they recorded 522.74 kg/m?2 at 10.01 MPa and 742.99 kg/m? at 18

MPa. In the analysis of Cole et al. (2012), between the temperature range of 15

°C — 33 °C and pressure range of 5.0 MPa — 15.0 MPa, the density of CO2 was
between 600 kg/m3 — 730 kg/m? and the kinematic viscosity was about (0.08 —
0.09) x 10°* m?/s?. To avoid exponential variations in densities around the critical
point, COz2 fluids are transported above critical pressure in pipelines (Arai et al.
2005). Density of COz2 fluid was measured with a vibrating tube densitometer by

Chapoy et al. (2013). Since the density is not absolute, Equation 2.15 was used

to analyse the raw data to obtain the accurate density.

p(T,P) = A(T,P) t*(T,P) — B(T, P) (2.15)
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_ p(P)—p(T,P)
A(T,P) = TP (TP (2.16

2 _+2
B — T (T:PZ) P(ijl) T (T,Pl) P(TJPZ) (217)

72(T,P1)—72(T,P;)

where p is the sample density at P and T, ris period of oscillation at P and T, and

A, B are apparatus parameters at P and T.

Chapoy et al. (2013) used the SRK-EO0S to calculate the density of CO2 and CO:2

— rich mixtures but corrected the molar volume by using the correct volume of
pure CO:2 at the pressure and temperature. Equations 2.18 to 2.20 describe the

procedure.
ynew = ykos _yc¢ (2.18)

where VE°S is the molar volume from the EoS, V¢ is the correction factor, defined

as:
ve=yN_ x VF (2.19)

where x; is composition of componenti in the phase that the volume is computed.

For COg,
Véo, = Vhire co, = VMR (2.20)

Another equation to calculate the density, the Ely et al. (1987), a form of the

MBWR equation is given in Equation 2.21 (Chapoy et al. 2013).

P = Y5-10an(T) p™ + Y1210 an(T)Pzn_”e_ypz (2.21)

McCollum and Ogden (2006) developed a set of equations for density over

temperatures and pressures for CO2 pipeline transportation using data from the

Kinder Morgan pipeline company. Equation 2.22 shows the pressure dependent
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density equation and the regression values for the equation are given in Appendix
A, Table Al. This equation has a regression coefficient (R?) of 0.986587 at 32.2

°C and 0.999996 at -1.1 °C.
p=axP+bxP°+c*xP*+dxP3 +exP?+f*P+g (2.22)
where p is density (kg/m?) and P is pressure (MPa).

A satisfactory equation for correlating phase behaviour of binary components is

the PR EoS with van der Waals mixing rules (Chen et al. 2009; Ke et al. 2017).

Chen et al. (2009) used the PR Eo0S to correlate the density of CO2 and 1-

methylimidazole binary component at temperatures of 293.15, 309.75 and 323.15
K and pressures between 28.3 and 13.86 MPa. Some of the densities recorded
were 543.5 kg/m?3 at 98.98 mol % CO3, 8.02 MPa and 36.6 °C and 993.5 kg/m?3
at 86.02 mol % COz2, 10.11 MPa and 36.6 °C. CO2 density is observed to change

disproportionately around the critical point. Patchigolla and Oakey (2013) stated

that the density of CO2 varies drastically with a slight change in temperature at
the critical point, where a doubling of density is observed for a change of

temperature from 47 to 37 °C at a pressure of 9 MPa.

Some density data is available for CO2 with impurities. Li et al. (2011a) stated

that there is density data for CO2 with N2, CH4, H2S and H20 as impurities in a
wide range of temperatures and pressures. This data will be helpful in validating
density correlations for rich COz2 fluids. Volumetric properties of CO2/N2 binary
mixtures at pressures between 0.60 and 5.18 MPa and temperature of 20 °C were

presented by Jiang et al. (1990). This pressure range is outside the scope of CO2

pipeline transportation. Within pressures of 0.08 and 48.3 MPa and temperature

of -36 and 47 °C, Esper et al. (1989) measured the densities of 0.476 mol % CO2
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and 0.524 mol % CHa, and 0.447 mol % CO2 and 0.553 mol % N2. They obtained
a maximum density of 548 kg/m?3 for CO2/CH4 mixture at -53.81 °C and 6.14 MPa
and 625 kg/m3 for CO2/N2 mixture at 26 °C and 6.14 MPa. The minimum density
of 0.98 kg/m? occurred at 26.8 °C and 0.83 MPa for CO2/CHs mixture and 1.24
kg/m?3 at 27 °C and 0.089 MPa for CO2/N2 mixture. These pressures are below
the values under consideration for CO:2 pipeline transportation but can be used
for testing the robustness of correlations. Density values of CO2/CHa binary
mixtures at pressures from 1.82 to 35.20 MPa and temperatures of — 58 to 76 °C

were also reported by Hwang et al. (1997) see Appendix A, Table A3. These

pressure and temperatures values are within those considered in this study and

may be used for validation.

2.3.4 Formation of gas hydrates in COz2 fluids
Low molecular weight gases may form gas hydrates when they physically react

with H20 (Adisasmito et al. 1991). Gas hydrates only form in the presence of

H20 molecules, gas components and the right pressure and temperature
condition. Gas hydrates are solid structures composed of gas molecules caged

in a hydrogen-bonded H20 molecule (Dashti et al. 2015; Mahabadian et al. 2016).

Typically, clathrate hydrates form when molecules less than 0.9 nm contact H20
at temperatures typically less than 26.85 °C and pressures typically above 0.6
MPa (Sloan 2003). When gas hydrates form, it causes flow assurance issues by
blocking the pipeline and causing no-flow conditions. Gas hydrates may plug
pipelines, prevent free flow of gases and cause casing or tubing collapse and

foul the valves of heat exchangers (Salam et al. 2013).

CO: pipelines operate at much higher pressures than 0.6 MPa but the CO2 fluids

are dehydrated to prevent corrosion and hydrate formation. Hydrates (CO2, CH4
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and H2S) formed with dissolved water in CCS streams is too small to create

operational problems (De Visser et al. 2008). Since some H20 content is always

present, it is necessary to understand the effect of the H20 content on the
formation of hydrates along the pipeline in case hydrate formation conditions
were inadvertently crossed. When conditions are right, CO2 will form the structure
“I” hydrate at appropriate pressure and temperature condition with a hydrate
phase, H20 rich phase, an ice phase and a COz: rich phase with two quadruple

points (Chapoy et al. 2014). Within the temperature range studied by Chapoy et

al. (2014), it was concluded that the liquid phase region of pure COzis 2 -5 MPa
lower than COz2 rich mixtures. They also stated that irrespective of the pressure,
CO2 hydrates could not form above 21 °C. This assertion needs further
investigation because Aspen HYSYS simulation of hydrate formation
temperatures and pressures for CO2 binary mixtures shows that hydrate
formation temperatures for CO2/SO2, CO2/CO, and CO2/H2 mixtures were above
20 ©C. The simulations with HydraFLASH shows that hydrate dissociation
temperatures at 15 MPa was below 12 °C. Hydrates do not form at temperatures

above hydrate dissociation temperature (Bai and Bai 2005). All hydrate stability

curves in (Nair_and Rahmanian 2017) were below 20 °C at pressures not

exceeding 8 MPa. In the analysis, it was found that N2, O2, CHas, Ar, and H2S
increased the likelihood of hydrate formation while SO2, COS, NO2, CO, Hz, and

NHs reduced the likelihood.

2.3.5 Viscosity of COz2 fluids
An important fluid flow property is viscosity and the correct estimation of viscosity
is essential for the accurate prediction of pressure behaviour of CO:2 fluids in

pipelines. At supercritical pressures and temperatures, pure gases have densities
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close to the liquid state and gas-like viscosities (Koga et al. 2005). Impurities in

COz2 fluids impact on the overall viscosities of the fluid. Viscosity varies with
density, which changes with pressure and temperature. Density of the fluid affects
the temperature dependence of viscosity. Generally, viscosity of a fluid increases
with increase in pressure and temperature. However, viscosity decreases with
temperature at high densities and increase with temperature at low densities

(Zabaloy et al. 2005). Al-Syabi et al. (2001) stated that the difference of the dense

and gaseous phase viscosities does not depend on temperature but is a function
of density. However, viscosity depends indirectly on temperature because the
density of a fluid is a function of the temperature and pressure. The authors

presented (Jossi et al. 1962) (JST) correlation for reduced residual viscosity for

non-polar substances, see Equation 2.23.

1 . 2 1/4
(u—po)(Te *+ M2 x P.*)+107* = a; + aypy + azpf + aup} + asp}

(2.23)

where W is viscosity of the fluid (mPa.s), p° is viscosity of diluted (gas) state of the
fluid at the same temperature, M is the molecular weight, P¢ is the critical
pressure, T¢ the critical temperature, ais are the coefficients of correlation. They
found the JST correlation to be accurate to within 20% range of all normal alkanes
having carbon numbers below 8 and reduced density below 2.5. They then

presented Equation 2.24 for other conditions.

(= u°) = Exp(A + Bp, + Cp}) (2.24)
where A =9.8338 — 0.15568M + 1.8935 E — 4M?2 (2.25)
B = —12.150 + 0.10345M — 1.3971 E — 4M? (2.26)
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C =2.3990 — 1.6355M + 2.5338 E — 5M*? (2.27)

The viscosity equation by Al-Syabi et al. (2001) is:

[(u — u®)A + 107*]/* = 0.094754 + 0.062016p, —
0.0010273T,7 2018310446252 1 (0.00040403 T, 24706 pf0-19188 3

+0.0000861597T,~1-1577 ){0-58683 4 (2.28)

1 1

2
Note that A is equal to (T? * M2 * P, ?).

One of the most suitable correlations for computing the viscosity of pure COz: is

that by Heidaryan et al. (2011). They stated that the viscosity of CO:2 at the

supercritical region is a strong function of both the temperature and pressure.

See Equation 2.29.

_ A1+A;P+A3P?+ A, In(T)+A5(In (T))%+A46(In (T))3
- 1+A,P+Ag In(T)+4Aq(In (T))2

(2.29)

where pis viscosity (cP), P is pressure (bara), T is temperature (K), and A1.¢ are

correlating parameters (Table 2.5).

Gas viscosity is a strong function of pressure (Li et al. 2011b) especially near the

critical point. At very high pressures, viscosity decreases with increase in
temperature resembling liquid viscosity but at very high temperatures the
pressure effect is reduced and viscosity increases with temperature (Li et al.
2011b). The pressure dependent viscosity correlation developed by (McCollum

and Ogden 2006) can be used to calculate viscosity of CO2 at pressure and

temperature values of interest.
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Table 2.5: Coefficients for Equation 2.14 (Heidaryan et al. 2011).

Coefficients Tuned coefficients
Al -1.146067 x 101
A2 6.978380 x 10”7
A3 3.976765 x 1010
A4 6.336120 x 1072
A5 -1.166119 x 102
A6 7.142596 x 104
A7 6.519333 x 10°®
A8 -3.567559 x 10t
A9 3.1804730 x 1072

The correlation is given in Equations 2.30 (similar to Equation 2.22). They noted
that at temperatures above the critical value, the R? regression coefficient is less
than 1.0 though greater than 0.983. R? is a statistical measure of how well the
regression line fits the actual data. O indicates a no-fit while 100 indicates a
perfect fit. Accurate viscosity values can be calculated with these regression
equations within the specified pressure and temperature ranges. Appendix A,
Table A3 shows the regression coefficients for viscosity respectively between 10
°C and 43.3 °C. To calculate the viscosity at any temperature not included in the
table, an upper and lower temperature value is chosen, and viscosity values
calculated at both temperatures. These two values are then interpolated to
determine the viscosity at the temperature of interest. Equation 2.31 shows the

interpolation Equation.
pu=a*xP+b*xP>+cxP*+d*P3+e*xP?+fxP+g (2.30)

where p is density (kg/m?), u is viscosity (Pa.s) and P is pressure (MPa)

u= [(.uhigh - :ulow) * (T - Tlow)/(Thigh - T)] + Uiow (2-31)
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where py; gy is the viscosity at the higher temperature (Tyigr), tiow IS the Vviscosity

at the lower temperature (Ty,,,) and T the actual temperature.

There have been several correlations for CO2 mixtures with varying degrees of

absolute average deviations (AAD). Pensado et al. (2008) considered the Kanti

et al. (1989) method as having general applicability and used it to determine the
viscosity of 98.79 % COz and 1.21 % PECS9 giving low AAD. The maximum AAD

of 28% was at 353.15K and 60 MPa. The Kanti et al. (1989) Equation is given in

Equation 2.32.

M — 2 ref) 11
n [ﬂ(Pref,To) =(ay* +by+c)in [1 dy2+ey+f)] + (gyo + hy, + 1) ( ) (2.32)

where y =y, + (gy2 + hy, + D(1/T = 1/T,) and y, = m[u(Pres, T,)], T(K),

P(MPa), u(mPa.s)

Pensado et al. (2008) stated that Monsalvo et al. (2005) adopted a generalized

mixing rule after fitting the nine parameters in the Kanti et al. (1989) Equation

against each pure compound. The Kanti et al. (1989) Equation referred to as self-
referencing requires only one experimental viscosity value at reference pressure

and temperature. The mixing rule is given in Equation 2.33.

Amix = X10,(1 — x1)ay (2.33)

where a is any one parameter, x1 is mole fraction of COa.

Chapoy et al. (2013) used the Poiseuille Equation to relate viscosity and pressure

drop along a capillary tube, Equation 2.34. This is an interesting equation

because it eliminates the computation of Reynolds number and friction factor.

128LQ u

AP = C m D*

(2.34)
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where AP is pressure difference across capillary tube (psi), Q is flow rate in cm?3/s,
L is length of capillary tube (cm), D is the internal diameter of the capillary tube

(cm), pis the viscosity (cP), C is the unit conversion factor (6894757).

By the corresponding states theory, the reduced viscosity for any two
components of gases at the same reduced temperature and pressure are the

same (Chapoy et al. 2013). The use of the reduced viscosity (Equation 2.35)

eliminates the units of the computation.

1/6

Uy = kP IT " (2.35)

p2/3 m1/2

where p, is reduced viscosity, P is critical pressure, T is critical temperature and
M is molecular weight. At supercritical pressures, impurities with higher critical
pressures and temperatures increase the viscosity of CO:2 fluids while impurities
with lower critical temperatures and pressures reduce the viscosity (Wetenhall et
al. 2014b). A low viscosity means a reduced resistance to flow and reduced
pressure losses. This means that impurities with low critical pressure and

temperature would enable CO:2 to flow for longer distances before recompression.

Tarafder and Guiochon (2011) showed the dependence of viscosity on density

(see Figure 2.2). The pressures and temperatures of CO:2 pipeline transportation
are within the range used in generating the values of Figure 2.2, between 7.4 and
30 MPa and 7 and 101 °C. Irrespective of pressure and temperature
combinations, the viscosity of COz2 is dependent only on the density within this
range. As stated before, the viscosity can be shown to be dependent on the
pressure and temperature because the density is also dependent on temperature

and pressure.
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Figure 2.2 CO2 viscosity from density (Tarafder and Guiochon 2011)..

Viscosity data in the literature for multi-component COz2 fluids are scarce or non-
existing. However, some data exist for binary (CO2 + CHa), (CO2 + C3Hs) and

ternary components (CH4 + CsHs + CO2) (Al Ghafri et al. 2018). Also lacking in

the open literature is the viscosity data for impure CO:2 at the allowable

concentrations of the common impurities.

2.4 COgpipeline design

The essence of this research is to proffer ways to improve the design of CO:2
pipelines and optimise operations. A design assuming pure CO: is bound to give
inaccurate results when applied to impure CO2. CO:2 pipelines may have different
impurities with varying concentrations. Each pipeline fluid must, therefore, be

separately analysed and designed for CO2 transportation.

Although COz2 is not currently classified as a dangerous fluid in the UK Pipelines
Safety Regulations Act 1996, CO: pipelines are designed to meet the

specifications for hazardous fluids (Cooper and Barnett 2014). Safety and

economic reasons are considered while designing CO:2 pipelines. Some of the
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parameters to be considered while designing CO: pipelines are; pressure and
temperature of the fluid, CO2 mixture composition, Impact of possible pipeline
rupture on human health, Corrosion rate of the pipeline, Atmospheric or ambient
temperatures, Topography of the pipeline route, Compressor, seal, and auxiliary
materials, Dehydration requirement of CO2 Fluid, Minimising flow transients, etc

(Ozanne 2011; Witkowski et al. 2014b). IEA GHG (2002) and Lazic et al. (2014)

included fluid physical properties, optimal size of pipeline, pipeline pressure
rating, topographic profile of the pipeline route, soil types and strength and human
populations among the parameters to be considered while designing CO:

pipelines. Some of the specific considerations are discussed below.

2.4.1 Pipeline route and length

The first consideration while designing a CO:2 pipeline is the pipeline route
selection. CO2 sources and CO:2 sinks or usage points are connected by pipelines
running along an optimum route. This route may not be the shortest distance
between the CO2 source and sink but it is the most ideal path in terms of
economics and safety. To select the optimum path, several options are
considered. As many as twenty possible paths were considered during the design

stage of the Peterhead project in the UK (IEA GHG 2014). Forbes et al. (2008)

stated that selecting the route of a pipeline involves determining, assessing and
evaluating several possible routes and securing the Right of Way (ROW)
document. The designing of the shortest pipeline route for a reduced cost of the
pipeline material and reduced pressure losses may be hampered by the
existence of cities/towns, archaeological sites, roads, natural reserves/resources,

national heritage sites, etc. (IEA GHG 2014). For these reasons, COz2 pipelines

do not usually have a straight path and may run through routes longer than
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desired, resulting to higher pressure losses and costs (Witkowski et al. 2013).

Increasing the length inevitably increases pipeline length, the number of booster
stations, affect pipeline material, number of bends and the construction and

operational costs of the pipeline (Vandeginste and Piessens 2008; Gao et al.

2011).

Planning a CO:2 pipeline route entails the consideration of many factors. Safety is
a major factor considered and pipelines are laid along uninhabited areas

(Witkowski et al. 2014b) to avoid obstacles . Ozanne (2011) listed some

objectives of pipeline route selection to include:

* To reduce the cost of materials, construction and number of boosting

stations, pipelines are laid along the shortest route.

» To cut costs, existing ROW and infrastructure are used if possible.

» To avoid paying damages or destroy existing infrastructure, places like

roads, rails, waterways and crossings are bypassed if possible.

» Impact or destruction of eco-systems are minimised.

» Pipelines are routed through unpopulated areas where possible.

» Ease of access along the entire length of the pipeline for personnel and

equipment is considered.

» Obstacles such as hills, wells, houses, lakes, ponds, rivers, orchards, etc.

are avoided.

The desire for shortest route is because longer pipelines have higher pressure

drop than shorter ones with similar diameter (Witkowski et al. 2013). (Gao et al.

2011) concluded that larger pipeline diameters are required in longer pipelines
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thereby increasing the pipeline construction and levelised costs. However,
pipeline diameter is selected to accommodate the expected flow rate and not
result to excessive velocities. Increasing the diameter of long pipelines would
reduce the number of booster stations installed along the length of the pipeline
but may increase the cost of pipeline and result to very slow velocities. Longer

pipelines therefore need not have larger diameters.

2.4.2 COgz pipeline right of way (ROW)

After determining the path of the pipeline, the right of way (ROW), a legal
document that gives permission to access the route, has to be acquired. The
ROW is secured by negotiations with the legal owners or authorities of the land
through which the pipeline passes. These authorities may be private owners,

county officials, region and federal agencies (Ozanne 2011). This document

which gives legal backing for the laying of the pipeline may be difficult or
expensive to acquire and failure to acquire it could result to changing the route of
the pipeline. The acquisition of ROW document adds to the cost of construction

of a COz2 pipeline. This cost may be between 4 - 9% (Qei et al. 2014), 5 %

(Forgacs and Horanszky 2013) or over 10% (Bauer 2011b) of the overall cost of

the pipeline. Some of the items for which permit to work on or around include
railroads, roadways, canals, overhead power cables, pipelines and underground

cables (Bauer 2011a).

2.4.3 COgz pipeline flow rates and velocity

After securing the ROW, the actual design of the pipeline can commence. The
quantity of fluid to be transported is the first parameter considered. The expected
fluid flow rate determines the size or diameter of the CO: pipeline. Flowrates are

set to avoid pressures and velocities that are too high by selecting appropriate
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pipeline diameter. Very high fluid flow velocities can cause the eroding of the
pipeline inner wall and result to high pressure losses. A maximum velocity of 3
m/s is usually specified to avoid erosion of the pipe wall (APl 1991). To design
COz2 pipelines effectively, adequate knowledge of mass/volume flowrate, fluid

phases, pressure, temperature, and composition is required (Brown et al. 2015).

Wang et al. (2013) stated that the flow rate if kept constant, determines the most

ideal diameter size of the pipeline. However, there are other factors considered
in choosing pipeline diameter, including fluid density and pipeline distance. Since
flowrate is an indication of the volume of fluid transported in a pipeline, it becomes

the single most important factor in the design of the pipeline. Gao et al. (2011)

concluded that pipeline diameters are increased to accommodate increased flow
rates which in turn increase the cost of the pipeline. If future CO2 sources are
expected, pipelines may be designed to accommodate the future flow rate. These
oversized pipelines are underutilized at the start of operations but saves the cost
and time to construct a new pipeline in the future. Pipelines with large diameter
sizes, though more expensive, result in slower velocities, lower pressure losses

and fewer boosting stations (Witkowski et al. 2014a).

An optimal pipeline diameter must be large enough for the expected volume of
flow to be transported yet it must not be too expensive. Picking a very large
pipeline diameter is easy but this is constrained by the cost of the pipe material.
The decision to pick a pipe size is based on economic analysis of pipeline
diameter, pressure boosting stations requirements, fluid velocity, etc. A large
diameter may be too expensive while a small diameter may cause high fluid
velocity, erosion of the pipe walls and very high pressure losses. A simple

relationship between flow rate in mass and volume units is given in Equation 2.36.
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q=quy*p (2.36)

where g = mass flow rate (kg/s), qv = volume flow rate (m%s) and p = density

(kg/m3).

Wang et al. (2013) pointed out that point to point CO2 pipelines, which connect

one COz2 source to one sink, are relatively easy to model and that most literature

on CCS pipeline design employ static models (Weihs et al. 2011a; Weihs et al.

2011b; Middleton et al. 2012). Employment of static model is justified because

CO: pipelines are usually pressurised with an inert gas (N2) before introducing
the CO:2 fluid. For oversized pipelines that transport CO2 from more than one
source to a sink, the optimal diameter is between the optimum for the initial and
final flow rates depending on the time difference between the times the two

sources come onstream. In the analysis of Wang et al. (2014), the ratio (D,/D;)

over (Q#/Q1), was linear with a correlation of 0.935, see Figure 2.3. Where D is
the oversized pipeline diameter and D; is the optimal diameter for the first (initial)
flow rate. Qt is the total flow rate and Q1 is the initial flow rate. Over-sizing is more
economical for smaller (Q#/Q1) ratio, shorter pipelines, and smaller time gap
between CO2 sources. Proportionally, larger increases in flow rate (Q/Q1) require

larger diameters.

Gao etal. (2011) concluded that a larger pipeline diameter is required for a higher

mass flow rate, which will in turn increase the capital cost of the pipeline. Some
cost models that use CO: flow rate and length of pipeline include (Dooley et al.

2009) and (Knoope et al. 2013b) models. Chandel et al. (2010) used only flow

rate and fluid velocity as input variables in the determination of the internal

diameter of COz2 pipelines (Equation 2.20).
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p= A% (2.34)

where D = inner diameter (m), u = fluid velocity (2.0 m/s), Qv = volumetric flow

rate (m3/s).

Diameter ratio, Dos/D,

O B N W » O OO N @©

0 1 2 ° ‘ 5
Flow rate ratio (Q,/Q,)

Figure 2.3: Relationship between flow rate ratio and diameter ratio (Wang et al.
2014).

The erosional velocity or maximum velocity of fluids in pipelines must be
established to avoid excessive velocities capable of causing erosion of the
pipeline inner wall. An empirical equation to calculate the maximum velocity is

given in Equation 2.35 (AP1 1991).

Cc

U, = 0.82\5

(2.35)

where ve = erosional velocity (m/s), ¢ = empirical constant and p = gas/liquid
density (kg/m3). It is important to carefully choose a pipeline internal diameter so
that the maximum velocity of the CO2 stream does not cause erosion of the

internal pipe wall or cause high pressure losses (Barton 2003). Vandeginste and

Piessens (2008) arrived at a maximum flow velocity of 4.3 m/s after applying the
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API-RP-14E formula for erosional velocity. The need to avoid high pressure

losses limit the velocity to below erosional velocity (Svedeman 1995)

2.4.4 Point-To-Point or Trunk/oversized pipelines

CO2 sources may be close together requiring a decision to either design a large
trunk pipeline or several point-to-point pipelines. The accepted decision is
informed by purely economic reasons. A trunk, backbone or oversized pipeline
may be constructed to connect the various CO2 sources to single sink(s). On the
other hand, point-to-point pipelines may be constructed to connect single CO:2
sources directly to a sink. Generally, collecting CO: fluids from several sources
into a single trunk pipeline is more economical than running separate pipelines

(Luo et al. 2014b). The preferred choice may depend on the distance between

the sources and the distance between the sources and the sink. Trunk pipelines

are usually less expensive (Wetenhall et al. 2014b) because less labour and

material is used. (Kuby et al. 2011) also found that networked systems saved up

to 6.5 % on cost when compared to single direct pipelines. But Knoope et al.

(2014) found that point-to-point connections may be more economical if, for
example, two sources are each 100 km from a sink and the two sources are more

than 100 km apart. Three scenarios were analysed in IEA GHG (2010), “point —

to — point”, “tree and branches” and “Hub and spoke” arrangement of two CO:
sources and one sink, see Appendix B for a pictorial of the pipeline arrangements.
The angles made by the two sources at the sink are given as 0°, 30°, 45°, 60°
and 90°, see Appendix B. $50,000 per km per inch and 5% of CAPEX was
assumed for the annual OPEX to model the cost of the pipeline. Angles greater
than 90° had no cost saving, between 30° and 60°, the radial hub and spoke

arrangement was the best option and below 15° the tree and branches
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arrangement resulted in least cost. Their analysis agrees with the Knoope et al.

(2014) conclusion.

Wang et al. (2014) presented Equation 2.36 that relates pipeline diameter ratio

to the flow rate ratio (Equation 2.36 — 2.38). This equation is used to compute the

diameter of a trunk pipeline in relation to the initial internal diameter of a single

pipeline.
If N = N*, then
g—i = 0.22 Rpjpp + 0.7 (2.36)

If both sources start production at the same time (i.e. both Q1 and Q> start flowing

at the same time), then
DQ1+Q2 = Rf?(ﬁ‘?DQ1 (2.37)
For the oversized pipeline, optimal diameter is:

¢ 0.39+0.61(N /) > 0.53
2= 1078 ()| Rriow G 4 07N/ (2.38)

* flow

where N = actual time difference between the two CO2 sources (years), N* =
trade-off point (years) or number of years after which duplicate pipelines become
more cost effective. Dy = optimal diameter for Q1 and Dy, .o, = optimal flow rate
for Q1 + Q2. (Mtpa), D, = diameter of initial duplicate pipeline (mm) D,,= oversized

pipeline diameter (mm), and Rsow = flow rate ratio.

There is a maximum pipeline diameter size. Where the flowrate is too high to be
transported in a single pipeline, an additional pipeline may be used. The required
pipeline inner diameter is calculated and where it does not correspond to
available sizes, it is rounded up to the next higher available standard size. More
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than one pipeline is only used when the required pipe size is larger than the
largest available standard pipe size. The minimum number of pipelines required

can be calculated from Equation 2.39 Chandel et al. (2010).

Npipe = || +1 (2.39)

Qm ax

h

If Npipe —1 pipelines have diameter D; ., then Nﬁipe pipeline diameter is

calculated from:

_ \/4 [Q—(N—1)Qmax] (2.40)

DiNth nU

pipe

Q

max

where Npipe = NuMber of pipes, [ ¢

7 J = the integer value of

not greater than

the enclosed ratio (magnitude), Q =the flow rate (m?3/s) and Qmax = maximum flow

rate of the largest diameter pipe (m?3/s).

2.45 COgz pipeline wall thickness

The maximum expected operating pressure dictates the pipe resistance or wall
thickness. Pipeline wall thickness is selected to withstand the pressures on the
inside and outside of the pipeline. The burst pressure rating of the pipeline is the
minimum pressure that can cause failure from the inside while the collapse
pressure rating is the minimum pressure that can cause the pipeline to collapse
from the outside. The risk of failure when the pipeline is exposed to high
pressures is less when pipes with greater wall thickness is used. Pipelines having
a wall thickness of at least 11.9 mm are resistant to damage with low failure rates

and reduced risk to personnel around these pipelines (Cooper and Barnett 2014).

The expected internal/burst and collapse/external pressures are computed, and
values used to select pipes having adequate strength and wall thickness. Pipeline

wall thickness is half the difference between the outer and inner pipe diameters.
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Equations to calculate pipeline wall thickness are given in Equation 2.41

(Witkowski et al. 2014b) and Equation 2.42 (Lazic et al. 2014).

Pmo DO
t= ZSI;'F (241)

where t = pipe wall thickness (m), Pmop = maximum operating pressure (MPa), Do
= outer diameter of pipe (m), S = specific yield stress of pipe material (MPa), E =

longitudinal joint factor (1.0) and F = design factor (0.72).

t = PmaxDi (2.42)

T 2(S*F*E—Ppgy)

where t = pipeline wall thickness (m), Pmax = maximum design pressure (MPa),
Di = pipeline internal diameter, S = pipe yield strength (MPa), F = safety factor

and E = seam joint factor.

Though pipes are specified in outer diameter or nominal diameter values, in
actual design, the internal diameter and thickness are determined before

selecting the outer diameter. Chandel et al. (2010) presented an equation for the

calculation of pipeline outer diameter, Equation 2.43. The value arrived with this
computation may not match available pipe size and may be rounded up to the

next higher available size.

D,=D;+2t (2.43)

2.4.6 COgz pipeline pressures, temperatures, and diameter

The choice of pipeline input pressure is made after careful consideration of the
delivery pressure, preferred fluid state (single phase, supercritical or liquid),
flange pressure ratings and economic factors. A minimum pressure at which
recompression is required is specified after analysing the phase behaviour of the
fluid to ensure that the fluid stays in a single state. Predicting the phase behaviour
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is tricky because at supercritical pressures and temperatures, CO: fluid phase

behaviour becomes unusual (Lazic et al. 2014; Zahid et al. 2014). However,

keeping the pressure in the supercritical region ensures that gaseous phase is
avoided. Pressure variation along a pipeline is due to elevation change, friction
and acceleration effects. Though the pressure losses due to elevation and
acceleration can be zero for horizontal and constant density fluids respectively,
there is always pressure loss due to friction. For long distance pipelines, there
may be significant changes in temperature and pressure along a pipeline due to
fluid friction, heat transfer between the fluid and the surrounding and expansion

work done by the fluid (Brown et al. 2015).

Though there are variations in the pressure range in the literature, all reported

pressures are in the supercritical region. Forbes et al. (2008) reported that

pipeline pressures upper and lower limits are determined by economics and
ASME-ANSI 900# flange rating and supercritical requirement respectively.

Patchigolla and Oakey (2013) put the range of CO2 operating temperatures from

15 to 30 °C and pressures from 10.0 to 15.0 MPa while Forbes et al. (2008) put

pressures between 8.62 MPa and 15.17 MPa with the upper temperature limit as
the discharge temperature of the compressor. The minimum pressure to transport

COg2 is 7.39 MPa (Han et al. 2015) which is the critical pressure of pure CO2 but

Witkowski et al. (2014b) raised it to 86 MPa to accommodate increased critical

pressure due to impurities and avoid abrupt changes in specific heat and

compressibility along the CO2 pipeline due to temperature changes.

In the modelling paper by Wetenhall et al. (2014b), the minimum pressure was
put at 10% above the cricondenbar with an assumed pressure gradient of 0.02

MPa/km. 0.02 MPa/km is an arbitrary assumption and not representative of actual
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pipeline pressure drops. Pressure gradients need to be computed for each
pipeline. Along a COz2 pipeline, pressures are not linear and simple averaging
between two pressure values may not yield accurate values for computation.

McCoy and Rubin (2008) presented Equation 2.44 to compute average pressure

between two pressure points in a pipeline.

2 P,P.
Pae = 2(Py + Py — 21) (2.44)

Py+P;

CO: pipelines are usually not heated nor cooled, except in some situations, where
the compressor increases the temperature beyond the maximum design value or
in very low climates where the temperature drops too low. However, there may
be need to insulate them to reduce the temperature change along the length. The
temperature limit is not a critical requirement in COz2 pipelines, if pressures are

above the critical value of the fluid (Vandeginste and Piessens 2008). To protect

the anti-corrosion agents, a maximum temperature limit of 50 °C is set (Nimtz et
al. 2010). Many models in the literature assumed isothermal conditions even
though researchers recognise that the temperature varies along the pipeline, but
they did not consider the effect of temperature changes along the pipeline due to
heat transfer between the fluid and the surrounding. Pipelines are usually buried
to about 1 m depth for protection from the weather and surface damages. Where
compressors are used, they may increase the temperature of the fluid (Forbes et

al. 2008; Nimtz et al. 2010). Where this heat addition occurs and the surrounding

temperature is significantly lower than the temperature of the fluid coming out of
the compressor, the minimum and maximum temperatures occur immediately
before and after the compressor. This situation is reversed if the maximum

temperature of the pipeline fluid is lower than the surrounding temperature.
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Pipeline pressure losses are lower in places with lower ambient temperatures
than places with higher ambient temperatures. Where the ambient temperature
is very low, the flowing fluid loses heat to the surrounding quickly and enters the

subcritical state resulting to lower pressure losses. (Teh et al. 2015) concluded

that cold climates are better suited for liquid CO2 transportation and warm
climates for supercritical COz2 fluid transportation. However, the soil surrounding
the pipeline is continually heated up and rises. When this happens, the effect of

ambient temperature will be greatly reduced.

Witkowski et al. (2014b) presented a plot showing maximum safe pipeline length

against ambient temperature (Figure 2.4). It shows that the difference between
the length of fluid transport for the same pressure drop at 21 °C and 44 °C ambient
temperatures is as much as 100 km. Where ambient temperature is very low, the

fluid may enter the liquid or subcritical phase by losing heat to the environment.
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Figure 2.4: Maximum safe CO: pipeline length against ambient temperature
(Witkowski et al. 2014Db).
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Several factors such as flowrates, cost, and velocity are considered when
selecting pipeline internal diameter. A large internal diameter pipe would have
been ideal to avoid excessive velocity that can cause erosion and minimise
pressure drop but the cost of the pipes hinders this option. To select an optimum
pipeline, pressure losses are calculated after specifying a maximum allowable
velocity. An initial diameter may be selected and pressure losses, booster

stations requirements and costs are computed.

This process is repeated with other diameter sizes and the optimum size
selected. Equations for liquid flow rate (Equation 2.31) and gas flowrate (Equation

2.45) is given in IEA GHG (2002). In this report, the length of pipeline, diameter

of pipeline, flowrate and fluid density were considered in the pressure loss

calculations.

AP = 2252 [LP < (2.45)
D.

2

where AP = pressure drop (bar), f = friction factor, L = pipeline length (km), p =

fluid density (kg/m?3), Q = flow rate (I/m) and D; = pipeline inner diameter (mm).

P2—P?

g =1.361%10"7 [fLS

| D:® (2.46)

where q = standard gas flow rate (m%h), P1, P> = inlet and outlet pressures
respectively (Pa), f = friction factor, L = pipeline length (km), S = gas specific

gravity and D = pipeline internal diameter (mm).

McCoy and Rubin (2008) held upstream and downstream pressures constant

while calculating pipeline diameter. While deriving the internal diameter equation,
they assumed that kinetic energy changes were negligible (constant velocity) and
the gas compressibility was averaged over the pipeline length, see Equation 2.47
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(Mohitpour et al. 2003a). Most of the available models assume constant velocity

but this is oversimplifying because when pressure reduces, the fluid expands and
increases in velocity thereby increasing pressure losses due to acceleration
effects. Though the pressure losses due to velocity change (acceleration effect)

are lower than frictional and elevation losses, it should be considered.

—64 Zc%veRzTc%vemez L 1/5 (2 47)
] .

D, = {
l
w2 [M Zave R Tave(Pzz_Plz)"'z g Pc%veMz(hz_hl)

where Dj = pipe segment diameter (m), Zave = average fluid compressibility, R =
universal gas constant (Pa.m3/mol K), Tave = average fluid temperature (K), m =
molecular weight of flowing stream, P1,2 = pressure at points 1 and 2 respectively,

h = pipeline elevation.

Chandel et al. (2010) neglected the effect of impurities on the flow characteristics

and assumed that pipelines are buried at depths of 1m underground with the fluid
having a constant density and temperature of 27 °C. They assumed a constant
input pressure of 13MPa for all CO2 sources and only CO:2 velocity and flow rate
were used as input variables in the model. The assumptions include a density of
827 kg/m3, constant temperature of 27 °C and a constant average pressure of
11.5 MPa. The pipe inner diameter was calculated from Equation 2.48. Even with
insulated pipelines, there is always some form of heat transfer between the
surrounding medium and the flowing fluid. The assumption of constant
temperature therefore introduces inaccuracies into the results. The density of
CO:2 pipeline fluids changes as the fluid losses pressure along the pipeline.

Assuming a constant density adds to the inaccuracies.

L= A% (2.48)

Tu
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where Dj = inner diameter (m), u = fluid velocity (2.0 m/s), Qv = volumetric flow

rate (m3/s).

The Bernoulli equation for pressure drop in a pipeline (Equation 2.49) and the
Darcy — Weisbach equation (Equation 2.50) for frictional head loss was presented

in Chandel et al. (2010). These two equations can be combined to give a pressure

drop equation (Equation 2.51) accounting for losses due to friction and elevation

changes but not losses due to acceleration.

AP = p g (h, + AZ) (2.49)
Lu?

hy = o (2.50)

ap=L2L" 4 pgaz (2.51)

where AP is pressure drop, p is fluid density, g is gravitational constant, h is
frictional head loss, AZ is elevation change, u is velocity and D is internal

diameter.

There is always pressure loss when fluids flow in an uphill pipeline due to frictional
and elevation effects. However, there could be pressure gain when fluids flow
downhill due to gravity effects. If the pressure gain due to gravity effect is higher
than pressure loss due to frictional effects, the pipeline could actually gain in
pressure. When supercritical CO2 flows in horizontal or inclined pipelines, the
pressure drops and CO2 expands causing a reduction in density and sometimes

formation of gas, resulting to two-phase flow. Zhang et al. (2006) refers to the

condition where gas forms and causes increased velocity resulting to high
pressure losses and/or no flow condition, a choking point. In their analysis, the

safe distance to transport the CO: fluid before the choking point is specified at
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90% of the choking distance. The equation for optimum pipeline diameter
considering flowrate, density and viscosity is given in Equation 2.52 (Zhang et al.

2006).
Di,opt = 0.363 Q8.45 p0.13 H?.OZS (252)

Equation 2.53 used to determine the diameter of pipelines presented in

Vandeginste and Piessens (2008) incorporates elevation changes into the Darcy-

Weisbach formula for diameter calculation.

1

D, =| 87071 § (2.53)

p2[p g (z1—22)+(P1—P;)]

where D; = diameter (m), f = Darcy - Weisbach friction factor, Q = mass flow rate
(kg/s), p = density (kg/m?3), P1 — P> = AP = pressure drop (Pa), L = length (m), and

z1, Z2 = place height at inlet and outlet respectively (m).

Whenever fluids flow in pipes, there are always frictional pressure losses. The
friction factor needs to be computed to calculate the pressure drop due to friction.
Equation 2.54 is an iterative equation to calculate the friction factor (Vandeginste

and Piessens 2008). The Swanee — Jain friction factor, Equation 2.55, is

preferred because it eliminates the iterations of the White — Colebrook equation.

1 e 2.51
ﬁ = -2 lOg (14.8 R + m) (254)

where f = Darcy — Weisbach friction factor = 4fr, e = pipe roughness height (m),

Re = Reynold’s number.

1.325

{ln[(e/3.7 Di)+(5'74/R30-9)B2

f= (2.55)
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where f = Darcy — Weisbach friction factor = 4fr, e = pipe roughness (m), Re =

Reynold’s number, Di = pipe internal diameter (m).

Another friction factor equation is that by Zigrang and Sylvester (1962) presented

as Equation 2.56 (McCoy and Rubin 2008).

7 = ~20log {3 - R og [3 - TRlog (T34 )]} (2.56)

2.5 Chapter conclusion

Impurities affect the density, viscosity, enthalpy (heat transfer), fluid velocity,
pressure and temperature losses. In other words, the thermodynamic properties
are affected by the impurities in the stream. Each impurity affects the properties
to varying degrees and the effect should be clearly understood for analysis of
CO:z2 pipeline transportation. Since CO: fluids usually contain more than two gas

components, a representative model for multicomponent gases is required.

The bulk of CO2 pipeline design uses pure COz2 fluids, but no CO: fluid is 100 %
pure. Assuming a pure CO2z fluid while designing pipeline transportation is
inaccurate. Furthermore, a complete analysis of the impact of all common
impurities on the transportation of CO: fluids in pipelines could not be found in
the open literature. There is also no clear preference for CO:2 fluid phase in
pipeline transportation. Supercritical phase is sometimes specified but some

authors have indicated that subcritical (liquid) phase is more economical

The effects of all common impurities found in CO:2 fluids at their maximum
allowable concentrations have not been studied. This thesis seeks to bridge that
gap and provide a quick reference for each impurity in CO:2 fluids flowing in

pipelines. Analysis of the effect from zero to the maximum concentration is done
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for all impurities. The impact of each impurity on the parameters are presented

for reference.

Temperature effects were generally ignored in the models studied. Temperature
changes affect the pressure behaviour, fluid density and viscosity. Understanding
the effect of impurities on temperature behaviour of the fluid will improve the

accuracy of the design of CO:2 pipeline transportation.

No pressure loss model included pressure losses due to acceleration of the fluid.
This component always contributes to pressure changes in CO:2 pipelines as the
fluid expands when pressure reduces and should be incorporated. The fluids
either expand or contract when pressure and temperature change in the pipeline,
contributing to the pressure variations. A good model should therefore include
these effects for accuracy. An analysis is carried out in this thesis to investigate

if it is justified to ignore the acceleration component.

65



Chapter 3: Research Methodology

3.1 Introduction

In this chapter, the procedure and methodology of determining the effect of
impurities on COz2 fluids flowing in pipelines is outlined. Various equations of state
are used to calculate the gas compressibility factor. This factor is used to
calculate the density and fluid viscosity is computed with available correlations.
The results are compared to available data and the most accurate correlation is
chosen to be used in the calculation of the Reynolds number and the friction
factor. These are then used in the pressure drop equation coupled with
temperature variation correlations to calculate the pressure and temperature drop
along the pipeline. The effect of each impurity is computed in each stage of the

analysis and the effect of multiple impurities of some pipelines are also analysed.

The transportation of rich COz2 fluids in pipelines could be in the gaseous, dense
liquid, or supercritical phase. It is more economical to transport CO: in pipelines
in subcritical or supercritical phases than in gaseous phase. CO: fluids are
different from conventional pipeline fluids. The modelling challenges are therefore

different from natural gas pipelines (Aursand et al. 2013). This difference is due

to presence of impurities, higher operating pressures, thermodynamic behaviour

of the fluid, etc. (Lazic et al. 2014). COz2 fluids are commonly transported in a

dense liquid phase while natural gas is transported in a dense gaseous phase.
The transportation pressures of CO2 pipelines are much higher than those of
natural gas pipelines and CO:2 is generally impure. Pipelines have been
transporting CO:2 for enhanced oil recovery operations in the USA and Canada

for decades and is a mature technology (Luo et al. 2014b). Knowledge can also
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be tapped from the vast literature of oil and gas pipeline transportation. The
operating pressure of CO:2 pipelines must be above the critical pressure of pure
COz2 (7.38 MPa), though this pressure changes with impurities, to keep it in the
supercritical or subcritical phases. CO:2 fluids with impurities may have critical
pressures higher than that of pure CO2, above 7.38 MPa. To avoid two-phase
flow, the minimum pressure assumed in this work is at least 1 MPa higher than
the critical pressure of any pipeline fluid considered. The maximum pressure is
also assumed to be 20 MPa, which is also representative of some existing

pipelines.

Pipelines are designed to operate effectively both in terms of operational ease
and cost. The flowing fluid thermodynamic properties therefore needs to be
evaluated correctly for optimal operations. However, as the experimental data is
scarce on the thermodynamic properties of rich CO: fluids in pipelines, the use
of equations of state (EoS) is employed in calculating the properties to fill this
gap. The complete design of the pipeline is achieved by first identifying the most
appropriate EoS for rich CO2. This is done by evaluating simulation results by
comparing to data if available. The most accurate thermodynamic properties are
used to calculate the effect of impurities on the binary CO: fluids and some
existing CO:2 pipelines. In this research, Aspen HYSYS (ver. 10.0) and gPROMS
(ver. 5.1.1), are used to compute z — factor, viscosity, density, temperature
changes and pressure drop along the pipeline. Aspen HYSYS being an industry
standard software is used to validate the gPROMS results where practical data

is not available.

It is desired to identify the best correlations/equations to determine each

parameter of CO2 pipeline transportation. These correlations are then built into a
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comprehensive gPROMS program that can be used to design CO:2 pipelines with
high accuracy. To achieve this, a gas compressibility factor is firstly determined
and used to calculate the density. Available correlations for density are also used
and the values compared. Next, the viscosity is computed with available
equations and the most accurate equation selected after comparing to available
data. This viscosity value is then used to calculate the friction factor. These are
then coupled into a single correlation for the determination of pressure drop in

COz2 pipelines.

A one — dimensional horizontal flow is assumed in this thesis. Pipelines are rarely
horizontal along the entire length but considering changes in elevation would
make the problem too complex. However, changes in elevation is also considered
to show the impact of impurities on the flow parameters. The following

assumptions are made:

- Flow is one — dimensional.

- No change in pipeline cross — sectional area.

- Pressures are held above critical values.

- Start-up and shutdown are not considered. CO: pipelines are pressurized
with N2 above the critical pressure of CO:2 before it is introduced into the

pipeline.

- Both uninsulated pipelines to allow rapid heat loss and insulated pipelines

are considered.

The flow of the fluid could be laminar, transitional, or turbulent. At high pressure

and high flow velocities, the flow is considered turbulent. Reynold’s number (Re)
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is used to determine if the flow is laminar, transitional, or turbulent. It is generally
accepted that Re less than 2100 is laminar, greater than 4000 is turbulent and in

between is transitional (Rehm et al. 2008). Though in (White 2011), laminar flow

is considered up to Re of 2300. CO2 pipelines are not smooth walled, and
vibrations occur enabling transition to turbulence at much lower Re. A formula to
calculate Re is shown in Equation 3.1. Turbulent flow is assumed in this work,

though Re is calculated to show that the flow is in the turbulent region.

R, =2%2 (3.1)

where Re = Reynold’s number, p = density (kg/m?3), u = velocity (m/s) and p =

viscosity (cP).

In thesis report, the input pressure shall be between 15 MPa and 20 MPa and
input temperature at 35 °C in line with values in the existing literature. Minimum
pressure and temperature shall be 9 MPa and 7 °C respectively. The maximum
temperature (35 °C) is above the critical temperature of all CO2 fluid
compositions. The input pressure and temperature ensure that the fluid is in the
supercritical state at the beginning of flow. However, during flow the temperature
is allowed to drop below the critical value and enter subcritical flow. The pressure
is always maintained above the critical value (at a minimum of 9 MPa) to avoid

two-phase flow in the pipeline.

For CO2 to remain in a single supercritical state, both flowing pressure and
temperature must be above the critical values. The critical pressure and
temperature of pure CO2 is 7.38 MPa and 31.1 °C respectively. The critical
pressure and temperature of COz2 fluids with impurities deviate from these values

according to the concentration and type of impurities. This difference is
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considered when assigning the minimum pipeline operating pressure and
temperature. There is no need to specify a minimum temperature because it is
not a critical requirement as long as pressures are above the critical value. There
is research work that considered temperatures far below critical values, e.g.

Wetenhall et al. (2014a). CO2 fluids enter the subcritical phase whenever

temperatures drop below the critical value if pressures remain in the supercritical
region. There is also an evidence that subcritical pipeline transportation is more

economical than supercritical pipeline transportation.

Pressure losses in pipeline fluid transportation is the single most important factor
in the process design of CO: pipelines. The loss of pressure in the pipeline is due
to friction among the fluid particles and friction between the fluid particles and the
pipeline wall, elevation changes along the pipeline route and acceleration of the
flow. The pressure loss due to friction is always present during flow of fluids in
pipelines. The pressure change due to elevation is zero for horizontal pipelines
and the pressure loss due to acceleration is zero for an incompressible fluid
flowing in a constant diameter pipeline. The pressure loss due to acceleration,
though present in compressible fluid (as in COz2 fluids) is very small and ignored

in most pressure loss calculations.

In the study of the effect of single impurities on the pressure drop, three different
scenarios of pipelines that incline at different angles to the horizontal from inlet to
outlet were analysed (See Figures 3.1, 3.2, and 3,3). The binary composition
consists of the maximum allowed concentration of the impurity (N2, CHa, H2S,
SO2, O2, CO, H2, Ar, NHs and H20) and the balance of CO2. Some existing

pipelines (Cortez, Choctaw, Canyon Reef and Weyburn) were also studied.
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3.2 Aspen HYSYS

A process simulation software in design and operations, Aspen HYSYS (V. 10),
was used to determine pressure drop, critical temperature, critical pressure,
phase envelope, and hydrate formation profile in CO:2 pipelines. Aspen HYSYS
is very convenient, as it only requires the selection of appropriate EoS and the

input parameters. Besong et al. (2013) used the Peng - Robinson Eo0S in Aspen

HYSYS to study low temperature processes for producing high pressure and high
purity CO2 from oxy — fuel flue gas. Available EoS were used to simulation flow
parameters in Aspen HYSYS. Results for critical pressure, critical temperature
and phase envelope were also obtained. These values were plotted and

compared with the ones obtained with gPROMS or HydraFLASH.

CO2
Pipeline

Inlet ' Outlet

>
Energy

Figure 3.1: CO: pipeline flow sheet created in Aspen HYSYS.

Inlet /

) e

Figure 3.2: Inclined CO: pipeline

Outlet
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Inlet

Outlet

Figure 3.3: Downhill CO> pipeline profile

3.3 Process System Enterprise (QPROMS)

gPROMS which stands for “general process modelling system” is an equation-
based software that models, simulates, and runs optimisation on chemical
processes. gPROMS is adequate in modelling the pressure drop in CO:2 pipelines
if the correct set of defining equations are used. Complex, controlled or hybrid
systems can be adequately described and simulated by gPROMS (Aqgut et al.

2010). Alhajaj et al. (2013) used gPROMS to simulate energetic and economic

performance of capture plant to handle flue gases from amine post — combustion
COz2 capture from different sources. They used the information with mathematical
optimization model to develop a data base of information for designing an

integrated transportation, capture and storage CO2 networks.

Several equations of state were used in gPROMS (v 5.1.1) to simulate the gas
deviation factor of CO2 fluids. The calculated z-factors were used to compute the
fluid density using the real gas equation. Other equations specifically developed
for CO: fluids in the open literature were also used. Different correlations were
used to compute the fluid viscosity, Reynold’s number (Re) and friction factor (f).

Heat loss equations were also used in the analysis of heat transfer from the

72



flowing fluid to the surrounding. The calculated parameters were then used in the

pressure drop equation to compute the decline in pressure.

Some pipelines used in the analysis include Cortez pipeline, Weyburn pipeline,
Canyon Reef pipeline and Sheep Mountain pipeline in the USA. Location of these
pipelines and their fluid compositions are shown in Figure 3.4 and Table 2.1,

respectively.

Weyburn pipeline

s Great Plains
N. Dakota

Wyoming
LeBarge @

McEimo Dome  Coloredo
b Sheep Mountain
o

Sheep Mountain nt

Cortez pipeline
Bravo dame
New Okishoma

Mexico

* CO, producing areas
Canyon Reef
Q Producing fields with I
CO, injection
@ Industrial sources

CO, pipeline

)

Figure 3.4: : Location of Selected CO: Pipelines (PowerPlantCCS 2010).

3.4 Equations of state and gas compressibility factor

There is a long history of the development of equations of state (EoS). Robert
Boyle found in 1662 that the volume of a gas was inversely proportional to its
pressure. This means that for a specific composition of gas, the product of the
pressure multiplied by the volume is a constant (see Equation 3.2). Charles in
1787 found that at constant pressure, the volume of a gas is directly proportional
to its temperature or that the volume divided by the temperature was a constant
(Equation 3.3). John Dalton in 1801 proposed that the total pressure of a mixture
of gases is the combined pressure of the individual gases (Equation 3.4)

(Ramdharee et al. 2013). In 1808, Joseph Louis Gay-Lussac found that the
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pressure exerted by a mass of gas on the sides of its container is directly
proportional to its absolute temperature (Equation 3.5). Johannes Diderik van der
Waals’ important contribution to the continuous development of EoS in 1873 was
the generalization of the ideal gas equation. Van der Waals replaced the volume,
V by (Vm — b), (Equation 3.6). He also recognized that gas molecules also attract
one another, and real gases were more compressible than ideal gases. His

eqguation, the basis for all modern EoS is given in Equation 3.7.

PV = constant (3.2)
4

7 = constant (3.3)
PT=P1+P2+P3+"‘+Pn (34)
P _ P,

T_1 T (35)
P(V,, —b) =RT (3.6)

1
(P+ aa) (V,, — b) = RT (3.7)

where P is Pressure, V is molar volume, Vi is molar volume, R is universal gas
constant, T is temperature, a is constant depending on the gas and b is volume

occupied by one mole of the molecules.

Designing engineering operations requires the use of EoS to calculate VLE

properties of fluids (Li_and Yan 2009). Peng-Robinson (PR), Soave-Redlich-

Kwong (SRK), Stryjek-Vera-Peng-Robinson (PRSV), Patel — Tega (PT), and SRK
— TWU EoS were used. The PR EoS and SRK EoS are the most common cubic

EoS used in research (Valderrama and Silva 2003). The PR EoS is preferred to

others because it is ideal for VLE calculations of liquid densities for hydrocarbon
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systems and performs better than other EoS at supercritical pressures and

temperatures (Bottcher et al. 2012). It solves single, double and three phase

fluids reliably within temperatures greater than — 271 °C and pressures less than
100 MPa. The PRSV EoS is a modification of the PR EoS, with better predictions
of phase behaviour and matches vapour pressure curves better than the PR EoS.
The PRSV EoS can equally predict non-ideal systems with good accuracy. The
SRK EOS is comparable to PR EoS but with a limited range of applicability;
temperatures greater than -143 °C and pressures lower than 5.0 MPa. For some
EoS that were not used in this work due to the lack of wide usage, please see

(Mangold et al. 2019).

The gas compressibility factor (or z — factor) is an essential property of gases
applied in many engineering applications. The formula for z - factor is given for
each EoS. The real gas equation of state is the simplest way to compute the z-

factor and it is given in Equation 3. 8.

;=P (3.8)

nRT

where z is the gas deviation factor, P is pressure, V is volume, n is number of gas

molecules, R is gas constant and T is temperature.

3.4.1 van der Waals (vdW) EoS

Alexander van der Waals in 1873 proposed an equation representing the vapour-
liquid coexistence. The critical compressibility factor predicted by this equation is
0.375. This equation is the foundation on which future EoS were built on. The

vdW EoS is presented in Equation 3.9 (Kwak and Mansoori 1986) and z - factor

form in Equation 3.10. Several researchers have made changes to the attractive
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and repulsive terms but only the most widely used modifications are discussed

here.
RT a
-V __a
Z= o= (3.10)

where z is the compressibility factor, V is the molar volume (cm3mol), P is the
pressure (bara), R is the universal gas constant (J/mol. K) and T the temperature
(K). The parameter, a represents the attractive forces between the molecules and

b represent volume occupied by the molecules.

3.4.2 Ridlich Kwong (RK) EoS

Ridlich and Kwong made the first modification to the vdW EoS in 1949 (Li and
Yan 2009). They retained the hard-sphere term but added a temperature
dependent attraction term. This EoS has a critical compressibility factor of 0.333
The Ridlich-Kwong EoS can be used for mixtures after applying appropriate

mixing rules (Wei and Sadus 2000), see Equations 3.11 to 3.15. Note that the RK

EoS is adequate only when Pﬁ <

2T,
_RT @
P = V-b V(V+b)VT (3.11)
5
R2T?
a = 0.42747 < P ) (3.12)
RT,
b = 0.08664 (P—) (3.13)
z3—2z2—-(qz) =—AB (3.14)
P P A—— (3.15)

V-b RTY5(V+b)
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3.4.3 Soave Ridlich Kwong (SRK) EoS

Soave replaced the attractive term, a, with a temperature dependent one, a(T),
see Equations 3.16 to 3.19. The SRK EoS could be the most widely used
equation to correlate and predict phase behaviour and fluid properties

(Valderrama and Silva 2003). The SRK EoS was able to predict phase behaviour

of mixtures around the critical region (Wei and Sadus 2000). However, Lopez-

Echeverry et al. (2017) showed that SRK EoS was not very accurate when used

to predict properties near the critical point.

RT aca(T)

b= V-b  V (V+b) (3.16)
Z= VVTb "R Ta((;ib) (3.17)
a(r) = 04274 (£E) {1 +m [1 - (Tlc)o's]}z (3.18)
m = 0.480 + 157w — 0.176 w? (3.19)
b = 0.08664 (RP—?) (3.13)

where w is the acentric factor.

3.4.4 Peng Robinson (PR) EoS

Peng and Robinson further modified the attractive term in 1976 (Ghanbari et al.

2017). The use of a critical compressibility factor (0.307) improves the prediction

of liquid volumes. See Equations 3.20 to 3.26. However, Woolley et al. (2014)

stated that the PR Eo0S is only satisfactory for predicting CO2 gas phase
properties but didn’t perform so well when compared to Span and Wagner EoS

when applied to condensed phase. But Valderrama and Silva (2003) affirmed that

the SRK EoS and PR EO0S are the most widely used EoS in research, simulations
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and optimisations for VLE and thermodynamic properties. Li and Yan (2009) also

found that with properly calibrated binary interaction parameter (kj), cubic EoSs
produced better accuracy on liquid volumes than gas volumes, and that PR and

PT EoSs were superior to others in volume calculations.

RT a(T)

P = T T (3.20)
a(T)=aa (3.22)
a = 0.45724 ? (3.22)
0.5\ 12
a=[1+k(1—(Tlc) )] (3.23)
k = 0.37464 + 1.54226 w — 0.26992 w? 3.24)
b =0.0778 RP? (3.25)
sV _ a(n)v (3.26)

V—b RT[V(V+b)+(V—b)]

where P is absolute pressure, R is gas constant, T is absolute temperature, V is
the molar volume, and T¢ is the critical temperature, Pc is the critical pressure,

and w is the Pitzer acentric factor.

3.4.5 Peng Robinson Stryjek Vera (PRSV) EoS
Stryjek and Vera further modified the attractive term of the PR Eo0S. The PRSV
EoS, which is similar to the PR EoS is given in Equations 2.27 to 3.31 (Van der

Stelt et al. 2012).

RT a
P= V—b v2+2bv—b? (3'27)
2
q = (0.45723;5 R%T, ) a (3.28)
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a=[1+k(1-Ty) (3.29)

k=ko+ky(1+/Tg)(0.7 — Tg) (3.30)
k, = 0.378893 + 1.489753 w — 0.17131848w? + 0.0196554w3 (3.31)

where k1 is a pure component parameter. k1 and w are in Table 3.2 (Stryjek and

Vera 1986; Proust and Vera 1989). For Ty values up to 0.7, it is recommended

that ki1 values in Table 3.2 be used and for T, greater than 0.7, k1 = 0.0.

Table 3.1: ki and w values for CO2 and impurities

Component K1 ) Component ki w
CO2 0.04285 0.22500 | CO 0.04279 0.04830
CHa4 -0.00159 0.01045 | H20 -0.06635 0.34380
N2 0.01996 0.03726 | NHs3 0.00100 0.25170
H2S 0.03160 0.1000 | O2 0.01512 0.02 128
SO2 0.03963 0.25630

3.4.6 Patel Tega (PT) EoS
Patel and Tega extended the SRK, and PR EoS. Their E0S is applicable to non-
polar fluids and some polar fluids such as NHs, alcohols and water, Equation 3.32

(de Almeida et al. 2014).

AT ____a___ (3.32)

P = T Ve

22+ -Dz+(@-28y—B-y—Bz+ By +p*y—aBf)=0 (3.33)

@ = (066121 - 0.761057) (%) [1 +m (1= Tp)] (3.34)
B = (0.02207 + 0.20868 z,) (;—R) (3.35)
R
PR
¥ = (0.57765 — 1.87080 z,) (E) (3.36)
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m = (~6.608 + 7043 z, — 159.0 z) (:£) (3.37)
R

where b and c are constants, and z. is critical compressibility constant. Equation

3.32 reduces to PR EoS if c = b and to SRK if ¢ = 0.

3.5 Mixing rules
The accuracy of using equations of state strongly depends on the application of

mixing rules (Twu et al. 2002). Van der Waals one-fluid mixing rule is a common

way to extend the E0S to non-polar mixtures. The parameters a and b in z =

v am
V-bgm VRT

can be combined as:

Am = Xi2jXi Xj (3.38)

by, = X2 X Xj by (3.39)
The parameter q;; is defined as

a; = Ja; a; (1 —kij) (3.40)
And parameter b;; is defined as

b;; = (b; + b;)/2 (3.41)

Where, a,, and b,, represent mixture parameters, and k;; is the binary interaction

parameter of the two molecules.

Where the molecules are strongly polar, a modification of the van der Waals

mixing rule by (Twu et al. 2002), Equation 3.42 can be used.

1/6 1/313
a = Ziiji .X'j A Ai aj (1 - kl]) + Zixi [Z]x] (ai a]) / (k]l - kl]) /3] (342)
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Note that in Equation 3.42, ki is not equal to kj. If they are equal it reduces to the
van der Waals mixing rule. Though the modified vdW mixing rule is applicable to
complex mixtures including non-ideal systems, it no longer satisfies the second

virial coefficient (Twu et al. 2002). Some mixing rules developed include, the

Huron-Vidal mixing rule (Equation 3.43 to 3.47). This mixing rule is not widely
used due to lack of parameters in the open literature for excess Gibbs energy at

very high pressures, and the poor accuracy when used for non-polar hydrocarbon

mixtures.
a* = b* [Zixi Z— +2 (i;'f)] (3.43)
@ =—2% (3.44)
bt =—2 (3.45)
€ =—ln (TT:) (3.46)
b =3:%,% %[5 (b +b)] (3.47)

where w and u are constants dependent on the EoS.

3.6 Density of CO2 fluids

Knowledge of fluid pressure and temperature, environmental temperature and
heat transfer along the pipeline is required for accurate prediction of the density
of CO2 fluids in pipelines. The results of z — factor calculated with the EoS were

used in Equation 3.38, to calculate density.

p=—N1 (3.38)

T ZxR*T

where p is the density, P is the pressure, and M is the molar mass.
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Equation 3.39 is used to calculate density by calculating the density at a higher
pressure and temperature and at a lower pressure and temperature (McCollum

and Ogden 2006). To determine the density at the desired pressure and

temperature, Equation 3.40 is used to interpolate between the densities at the
higher pressure and the lower pressure, see Appendix D, Table D1. However, if
the desired density corresponds to a given pressure and temperature value, there

would not be any need for interpolation.

p=axP,t+bx Py°+cxPy*+dx* Py +ex Pp?+f* P+ g (3.39)

Pop = {(phigh - plow) * (Top - Tlow) * (Thigh - Tlow)} + Piow (3.40)

where p,, is the desired density, py;4p, is the density at a higher pressure and
temperature, p,,, is the density at a lower pressure and temperature, Py;,, and
Thign are the pressure and temperature at which py;,, is calculated, and P,,, and

T;,w are the pressure and temperature at which p;,,, is calculated.

To calculate the density of a gas mixture, it is required that the correct gas
deviation factor and molecular weight be determined. The gas deviation factor of
gas mixtures was covered in section 3.4 and 3.5. The mixture molar mass can be
calculated by using the molecular fractions of the component gases and their

molecular masses.

3.7 Viscosity of COz2 fluids
The viscosity of pure CO:2 in both liquid and gas phases have been reported in
some studies. Some references exist in the literature that use correlations to

measure the viscosity of CO2 (Heidaryan et al. 2011). The correlation developed
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by Heidaryan et al. (2011) for pure COz2 in the pressure range of 7.5 to 101.4 MPa

and temperature range of 31.85 and 626.85 °C is given in Equation 3.41 .

A1+ A P+ A3P? + A, In(T) + As (In (T))? + A¢(In (T))3
- 1+ A;P + AgIn(T) + A (In (T))?

(3.41)

where W is viscosity (cP), P is pressure (bara) and T is temperature (K). Values

for A1-9 are given in Table 3.3 below.

Table 3.2: Tuned coefficients for Equation 3.8 (Heidaryan et al. 2011).

Coefficients Tuned coefficients
A1 -0.01146067

Az 0.0000006978380
As 0.0000000003976765
A4 0.06336120

As - 0.01166119

As 0.0007142596

A7 0.000006519333
As -0.3567559

Ao 0.03180473

The (Quyang 2011) viscosity equation is given in Equation 3.42.

U =co+cP+ cyP?+ c3P3 + ¢, P* + P (3.42)
Where p is viscosity (cP), P is pressure (psia), and T is temperature (°C) and
co =doo + (doy * T) + (doz *T?) + (doz * T®) + (dos * T*)
co = doo + (doy * T) + (doz *T?) + (doz * T®) + (dos * T*)
cp=dig+(dyg * T) +(diz*T?) + (dy3 *T3) + (d1a * T*)
c; =dyo+ (dyy * T) + (dpz *T?) + (dpz * T3) + (dps * T*)

c3=dzo+ (dsg * T) 4+ (dzp *T?) + (d33 *T3) + (d34 * T*)
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Co=dgo+ (dyg * T) + (dag *T?) + (dgz *T?) + (dyy * TH)

The Arrhenius equation can be used to calculate the viscosity of fluid mixtures,

requiring only the component viscosities, see Equation 3.43 (Yener et al. 1998).

i = H1™* pp™? (3.43)

where u,, is the viscosity of the mixture, u;and u, are the viscosities of the gas

components, x; and x, are the component mole fractions.

(Al-Syabi et al. 2001) presented the JST correlation for viscosity for non-polar

substances, see Equation 3.44.

[(u— u®)A+ 104]¥/4 = 0.10230 + 0.023364p, + 0.058533p,>

—0.040758p,3 + 0.0093324p, * (3.44)
pr="=" (3.45)

If T < 1.5,
U =34x10"°T,%%%/2 (3.46)

If T, > 1.5,
u® =17.78 * 107° (4.58 T, — 1.67)°/8 /2 (3.47)

where u is viscosity (cP), v, is the critical molar volume and v is the molar volume.

Similar to the density equation, (McCollum and Ogden 2006) presented viscosity

Equations 3.48 and 3.49. See Appendix D, Table D2 for the viscosity correlation

parameters.

u=a*P0p6+b* Pop5+c*Pop4+d* P0p3+e* P0p2+f* P,y + g (3.48)
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.uop = {(.uhigh - .ulow) * (Top - Tlow) * (Thigh - Tlow)} + Hiow (3-49)

3.8 Pipeline heat transfer

There is heat exchange between the pipeline and the surrounding as COz2 fluids
flow in pipelines. The rate of heat transfer from the fluid to the surrounding can
be calculated. Equation 3.50 represents the first law of thermodynamics for a

pipeline (Mohitpour et al. 2003b)

M(H + 3w + g Z) dim} = 550 — oW (3.50)

where u,, is the mean velocity, g is the gravitational constant, Z is the elevation,
6Q is the heat transferred to or from the pipeline, and W is the work done to the

fluid.

The driving factor in heat transfer between two media is the difference in
temperature. The total amount of heat transfer (for a steady state) between the
pipeline fluid and the surrounding soil may be written as in Equation 3.51

(Wetenhall et al. 2017).

Q =2mkySAT (3.51)

where Q is the heat transferred, S is the shape factor, k, is the thermal

conductivity of the surrounding soil, and AT is the difference in temperature

between the two media. A good analysis of heat transfer from a CO2 pipeline to

the surrounding soil and atmosphere is given in (Wetenhall et al. 2017). Some

formulae are presented below.

S= Blp Aour (3.52)

L 2 ]
cosh ap—Biy pyur @ k) 1+Bﬁ
o 14 ur %o Blg Blg
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where Bi, is the Biop number of the pipeline, Bi, is the Biop number of the
surrounding ground, h, is the heat transfer coefficient of the fluid film of the
ground surface and ambient air at the surface, Up;,. is combined heat transfer

coefficients of the pipeline h,;,, and fluid film hg;;,.

pip
3.9 Other parameters

Some input parameters into the pressure drop equation include velocity/flow rate,
friction factor (f), pipeline internal diameter (D), elevation (h), density, gravitational
constant (g), etc. Of these, the diameter, velocity, and friction factor have not
been discussed. The pressure drop in a pipeline is heavily dependent on the
internal diameter. Therefore, both parameters can be calculated from the
available correlations if one is given. Several equations can be used to calculate
a suitable diameter given the pressure drop but the one given by (Zhang et al.
2006) is independent of pressure drop and may be used to select an initial optimal

pipeline diameter.
DO ¢ = 0.0363 Q8.45 p0.13 ‘u0.025 353
p

The velocity of a fluid flowing in a circular pipe is easily calculated with;
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v
vel = o (3.54)

A=n—=mnr (3.55)

where g, is volumetric flow rate (m3/s), A is the cross-sectional area of the pipeline

(m3), D is the internal diameter of the pipeline and r is the radius of the pipeline.

To calculate the friction factor, the Reynold’s number is required. Reynolds

number is the ratio of the inertial forces to the viscous forces of the fluid.

R, = % (3.56)

The Colebrook and White friction factor (f) equation is widely used in industry
(Kiijarvi 2011). The Darcy friction factor is four times the Fanning friction factor.
The Darcy friction factor equation and Fanning friction factor equation are given

in Equations 3.57 and 3.58 (McCollum and Ogden 2006)

1 e/D . 251

F = 2.0 lOg (—3.7 + _Re\/?) (357)
_ 6.91 12 (g/p)\ 11 —2

fo = {4 [—1.8 log (R—e + (2l )]} (3.58)

where (g/D) is the relative roughness of the pipe.

The Nikuradse friction factor for fully developed turbulent flow according to

Mohitpour et al. (2003b) is given in Equation 3.59.

JI/T =410g(322) (3.59)

where k is pipe roughness.
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3.10 COz2 Pipeline pressures
The pressure drop in pipelines is simulated with Equation 3.60. The effect of
impurities on all input parameters into the equation is analysed. Equation 3.60

(Chandel et al. 2010) is used to compute the pressure drop.

AP =L, g Ah (3.60)

2D

where AP is pressure drop between inlet and outlet, f is dimensionless friction
factor, L is length of pipeline (m), u is velocity (m/s), D is pipeline internal diameter
(m), p = fluid density (kg/m3), g = acceleration due to gravity (m/s?) and AZ is

change in elevation (m).

To calculate the pressure at any point along the pipeline, the pressure drop is

subtracted from the initial pressure, Equation 3.61.
Poutiet = Pinter — AP (3.61)

(Ogden et al. 2004) presented an equation to determine the steady state flow of

CO:z2 at supercritical conditions as a function of diameter, pressure, temperature,

pipeline length, and fluid composition.

0.5

2 AR Pg%
—POZ—CZ {G z aveTave})
ave

0= ¢, a7m | &

DOS E (3.62)

G Tave Zave L

where Q, is volumetric flow rate (Nm?3/s), P;, P, are inlet and outlet pressures
(kPa), G is specific gravity, T,,. iS average temperature, z,,. IS gas deviation
factor at average pressure, L is pipeline length (km), E is pipeline efficiency factor

and Cy, C» are constants, 18.921 and 0.06835 respectively.
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3.11 Chapter conclusion

Various equations for the estimation for the parameters and properties of CO2
fluids flowing in pipelines are presented in this chapter. Equations of state used
in the Aspen HYSYS and gPROMS simulations were presented. Several
correlations were used in gPROMS to calculate the parameters of both pure and
impure properties of CO: fluids. The results from Aspen HYSYS and gPROMS
are compared and presented in chapter 6. Equations are developed to account

for the effect of each impurity on each of the parameters studied.
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Chapter 4: Simulation of the effects of single impurities in CO>
pipelines

4.1 Introduction
CO:2 pipeline minimum pressure is specified at about 10 % above the critical

pressure (Lemontzoglou et al. 2017). Above the critical pressure, COz2 fluid does

not become a gas while flowing in the pipeline. Transporting CO:2 fluids in
supercritical pressure and supercritical temperature ensures that the fluid
remains in the supercritical state. However, the flowing fluid changes to the dense
subcritical phase if the temperature drops below the critical value while the
pressure remains above the critical value. Several authors gave varying ranges

of pressure and temperature of CO:2 pipelines. Wetenhall et al. (2014a) put it at

between 8.5 MPa and 20 MPa and 12 °C and 44 °C, Mohitpour et al. (2003b) at

between 8.6 MPa and 15.1 MPa and 12.7 °C and 43.3 °C and 8.6 MPa to 15 MPa

in Kang et al. (2014). However, similar to the NEFL study, an inlet pressure of 15

MPa (IEA GHG 2014) and temperature of 33 °C are assumed in this section. All

reported CO: pipeline pressures are higher than the critical pressure of pure COz2
(7.39 MPa) but the temperature is not always higher than the critical temperature
(31.1 °C). This is because CO2 remains in the dense phase if the pressure is
maintained above the critical value. An analysis of the transportation of CO:z as a
subcritical fluid (below critical temperature) and supercritical fluid (above critical

temperature) is given in chapter 5.

4.2 Effects of single impurities at 10 mol %
For every captured CO2, the impurities are different and occur in different
concentrations. However, for a fair comparison, all impurities are assumed to

constitute 10 mol % in this section.
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4.2.1 Methodology

CO:2 fluids with single impurities (0.9 mol fraction CO2 and 0.1 mol fraction) were
simulated with Aspen HYSYS (Ver. 10). The Peng Robinson equation of state
was used in this analysis because it has the lowest absolute average deviation

(AAD) when used to calculated density of binary CO:2 fluids (Mazzoccolia et al.

2013). Yang et al. (2014) also stated that the PR EoS was better than others

when used in calculating the critical temperature and critical pressure of CO2
fluids. Four CO:2 pipelines, Cortez pipeline, Canyon Reef Carriers, Weyburn
pipeline and Sheep Mountain pipeline, are selected for the analysis. The
parameters simulated include pressure drop (AP), critical pressure (Pc), critical
temperature (Tc¢) temperature change (AT), and phase envelope. HydraFlash was
also used to simulate the phase envelope and the results compared to those
obtained from Aspen HYSYS. It should be noted that only N2 and CH4 may
constituent up to 0.1 mol concentration in actual pipelines. In CCS operations,
only Nz is greater than 0.065 mol concentration. Table 4.1 shows the hypothetical
pipeline and Table 4.2 shows the actual composition of the pipelines (CO:2

pipelines for oil recovery in the USA) used in the analysis.

Table 4.1: Hypothetical pipeline specification.

Length 50,000 m Material Mild steel
Outer diameter 0.324 m Elevation change Om

Inner diameter 0.289 m Pipe wall conductivity 45 W/(m. °C)
Inlet pressure 15 MPa Mass flow rate 74 kgls

Inlet temperature 33 °C Pipe roughness 0.0000457 m
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Table 4.2: Actual fluid composition of CO2 pipelines (Patchigolla and Oakey
2013)

Cortez Canyon Reef Weyburn  Sheep Mountain

Component

Pipeline Carriers pipeline Pipeline
COz2 0.95 0.8991 0.9600 0.9700
CHa 0.01 0.0997 0.0070 0.0170
N2 0.0378 0.0050 0.0003 0.0079
CO - - 0.0010 -
H2S 0.002 0.0002 0.0090 -
02 - - 0.0001 -
Co+ - - 0.0225 0.0050
H20 0.0002 0.0005 0.0001 0.0001

4.2.2 Effects impurities on critical point

Pressure and temperature may decline when COz: fluids flow in pipelines due to
frictional, acceleration or elevation change effects. The change in temperature
may be ignored if pressure remains above critical value as the fluid will remain in
the dense phase. However, the fluid changes from supercritical phase to
subcritical phase if the temperature falls below the critical value while pressure
remains above the critical value. To specify the minimum pressure of a CO:2
stream, the critical pressure must first be ascertained. The minimum pressure is
usually a value slightly above the critical pressure. The increase in critical
pressure is less than 5 % if the concentration of impurities is below 2.5 %

(Kaufmann 2011). Though 5 % increase is small, it still requires careful analysis

and most CO:2 pipelines constitute greater than 2.5 % impurity concentration.
Table 4.3 shows the values of the critical pressures of the binary fluids from both
Aspen HYSYS and HydraFLASH. Some values did not converge on
HydraFLASH. The critical pressure of the selected CO:2 pipelines is shown in

Table 4.4.
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Table 4.3: Critical temperature and pressure of binary CO2 fluids.

Components Critical pressure (MPa) Critical temperature(°C)
10 mol % Aspen HYSYS HydraFLASH Aspen HydraFLASH
HYSYS

Pure CO2 7.37 7.35 30.95 30.85
CH4 7.94 7.66 23.25 23.14

N2 8.82 7.71 23.61 22.09
H2S 7.45 6.22 33.29 -

02 8.64 - 24.41 -

% SO2 8.51 8.39 49.84 49.87
CO 8.78 8.64 23.48 23.85
H20 8.91 - 24.83 -

H2 10.77 10.90 28.34 29.02

Ar 8.37 - 24.39 -

NH3 8.04 - 41.91 -

Fluids with high critical pressure increase the minimum pressure of the pipeline
and consequently increase both the capital cost (higher cost for stronger pipes)
and the operational cost (higher energy for compression). Therefore, impurities
that increase the critical pressure also increase the cost of transportation. A
reduced critical temperature increases the temperature range for supercritical
flow. The flowing fluid becomes a supercritical fluid at lower temperatures, hence

may eliminate the need for heating the pipeline fluid to attain supercritical phase.

Therefore, impurities that reduce the critical temperature have positive effect in
terms of their impact on temperature, if supercritical transportation is specified.
Impurities that increase the critical temperature make liquid or subcritical
transportation possible at higher temperatures. The temperature of the flowing
fluid declines below the critical temperature as it travels along the pipeline. This

could be a positive effect, if supercritical phase is not a requirement, because the
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fluids flows for longer distances under subcritical conditions. However, if
supercritical phase transportation is specified, such impurities have negative
impact as pipelines may require heating to attain supercritical state, mostly in
colder climates. Heating the pipeline fluid would significantly increase the cost of

transportation.

Table 4.4: Critical temperature and pressure of selected pipelines.

o Critical Critical
Pipelines Software
Pressure (MPa) Temperature (°C)
Aspen HYSYS 7.37 30.95
Pure CO2
HydrafLASH 7.34 30.85
Aspen HYSYS 7.88 27.57
Cortez
HydrafLASH 8.01 27.41
Aspen HYSYS 7.34 29.17
Weyburn
HydrafLASH 6.54 23.65
~ Aspen HYSYS 7.56 28.92
Sheep Mountain
HydrafLASH 7.56 29.03
Aspen HYSYS 8.03 22.46
Canyon Reef
HydrafLASH 7.92 23.35

4.2.3 Effects of impurities on phase envelope
A two-phase region forms below the VLE line of pure COz: if the impurities have
higher critical pressure while those with lower critical pressure will form two-phase

regions above the VLE line of pure CO2 (Wetenhall et al. 2014b). The results

obtained with Aspen HYSYS and HydraFlash simulations were similar and
confirmed that the two — phase region of fluids with higher critical pressure forms
above the VLE line of pure CO2. Figures 4.1 shows the phase envelopes from
Aspen HYSYS of binary CO: fluids and Figure 4.2 shows Aspen HYSYS and
HydraFlash plots of the phase envelopes for the selected pipelines. The phase

envelope of Weyburn pipeline fluid did not converge on HydraFlash.
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Figure 4.1: P — T phase diagram of binary fluids at 10 mol % impurity
concentration.
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Figure 4.2: P — T phase diagram of selected pipelines fluids.

H2 formed the widest two — phase region and H2S the narrowest. The two — phase
region of SO2 and NHs occur below the VLE line of pure CO2 while others occur
about it. The VLE line of pure CO: lies close to the dew — point curves of all
pipelines. The two — phase region of all pipeline fluids except that of Weyburn
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pipeline lie above the VLE of pure CO2. This is because the critical pressure of
Cortez, Sheep Mountain and Canyon Reef CO: fluids have higher critical
pressure than pure COz2, but the Weyburn pipeline fluid has about the same
critical pressure. The two — phase region of the Weyburn pipeline fluid is also the
narrowest because it has the smallest concentration of impurities. Two — phase
region is wider for fluids with higher concentration of impurities. The comparative
width of the bubble and dew point curves at 20 °C is given in Table 4.5, as a
measure of the width between the two lines. HydraFlash predicted a wider two —
phase region than Aspen HYSYS. The percentage difference of the width
between the Aspen HYSYS and HydraFlash predictions for the Cortez, Canyon
Reef and Sheep Mountain pipeline fluids are 14.4 %, 3.3 %, and 6.0 %,
respectively. The Cortez pipeline fluid has the widest two — phase region followed

by the Canyon Reef pipeline fluid.

Table 4.5: Comparative width of bubble and dew point lines at 20 °C.

Pipelines Aspen HYSYS HydraFLASH Difference
Cortez (MPa) 0.913 1.066 0.153
Canyon Reef (MPa) 0.823 0.850 0.027
Sheep Mountain (MPa) 0.409 0.435 0.026
Weyburn (MPa) 0.118 - -

The possibility of fluids with wide two — phase regions to form a gaseous phase
during transportation is higher than those with narrower two — phase region.
Above the bubble point curve and below the critical pressure, the fluid exists in
the subcritical region. Fluids with higher bubble point pressure are therefore more
suitable for subcritical phase transportation while fluids with lower bubble point
pressure are more suitable for supercritical phase transportation. Very low

ambient temperatures favour subcritical phase transportation because the
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flowing fluid would lose heat quickly and enter the subcritical phase. Fluids with
very high critical temperatures are also suitable for subcritical flow. For example,
the Sheep Mountain CO:2 pipeline fluid exists in subcritical state at temperatures
below 29 °C but the Canyon Reef pipeline fluid would remain in supercritical state

until the temperature drops below 23 °C.

4.2.4 Effects of impurities on density
Density positively correlates with pressure but negatively correlates with
temperature. At supercritical temperatures and pressures pure gases may have

liquid - like densities and low gas - like viscosities (Koga et al. 2005). Liu et al.

(2017) measured density of 0.8988-mol % CO2 and 0.1012-mol % CH4 and
showed that within the temperature and pressure ranges of CO:2 pipelines,
pressure changes had milder effects than temperature changes. A 26.38 %
decrease in density was observed for a 10 % increase in temperature and only a
6.08 % increase in density for an increase of 10 % in pressure. The results for
CO2 + CHa fluid was similar in the supercritical phase. The density of pure CO2
at the specified condition of pressure and temperature is 805.46 kg/m3. Figure

4.3 shows the densities of the binary fluids at equal concentration of 10 mol %.

Density also changes as the fluid flows along the pipeline. This change results
from the change in the fluid temperature and pressure. In horizontal pipelines, the
pressure will decline, and the fluid will expand reducing the density. However, the
temperature also declines along the direction of flow and the fluid contracts
increasing the density. The overall change in density will depend on the

parameter with the greater effect on density at the prevailing conditions.
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Figure 4.3: Density of binary fluids at 10 mol % impurity concentration.

Figure 4.4 shows plots of density variations with temperature of a post
combustion capture fluid (see Table 2.3) at five different pressure values. From
the figure, it can be deduced that at high pressures, i.e. pressures higher than
critical, density varies linearly with temperature. At lower pressures, below critical
value, the effect of temperature on density is greatly reduced. At very low
pressures, a drop in temperature from 20 °C to 10 °C shows a sharp increase in
density. But at higher pressures, the change of density from 20 °C to 10 °C is
smaller than a 10 °C change at higher temperatures. For example, a change of
temperature from 40 °C to 30 °C at 13 MPa results to an increase in density of
97.85 kg/m?® while a change from 20 °C to 10 °C resulted in only 71.19 kg/m?
increase. But a change of temperature from 20 °C to 10 °C at 5.4 MPa resulted
in an increase in density of 668.80 kg/m® and only an increase of 14.46 kg/m?3
from 40 °C to 30 °C. The impact of temperature on density is higher at lower

pressures and lower temperatures than at lower pressures and higher
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temperatures. The impact of temperature on density is also increased at higher
pressures and higher temperatures than at higher pressures and lower

temperatures.

COz2 fluid impurities also affect the change in density along the pipeline. All
impurities increased the drop in density of the fluid as if flows along the pipeline.
H20 caused the highest increase in density drop while Hz caused the lowest. The
decrease in density of pure CO2 from the inlet of the pipeline to the outlet was
12.36 kg/m® while that of CO2/Hz binary fluid was 63.41 kg/m3® and that of

CO2/H20 was 97.09 kg/m3. See Figure 4.5 for the density change of all the binary

fluids.
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Figure 4.4: Temperature effect on density at different pressure values of a post
combustion fluid.
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Figure 4.5: Density change along pipeline.

4.2.5 Effects of impurities on temperature

An ambient temperature of 25 °C was assumed in the simulation of temperature
changes in Aspen HYSYS. The inlet pressure of the pipeline is 33 MPa, and the
pipeline is uninsulated. Heat transfer from the pipeline to the ground may reduce
the temperature below supercritical value. The fluid becomes a subcritical fluid
when the temperature drops below the critical value. Supercritical CO2 fluid
transportation is usually specified for pipelines but the reason for this preference
is not clear. The advantages of transporting CO:2 at lower temperatures include
the use of pipelines with thinner wall thickness (capital cost saving), smaller
diameter pipes (capital cost saving), pumps for compression instead of

compressors (energy saving) (Teh et al. 2015) and increased density of fluid

(more volume) (Zhang et al. 2006). Figure 4.6 shows the temperature drop due

to single impurities and Figure 4.7 shows the temperature drop due to actual

pipeline fluids and pure COa.
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Figure 4.6: Temperature drop of CO> binary fluids (at 10 % impurity
concentration) from inlet to outlet of pipeline.

60
45
30
15
AN

WeyburnWeyburn Cortez Cortez Canyon Canyon Sheep Sheep

Temperature drop (°C)

fluid pure fluid Pure Reef Reef MountainMountain
CO, CO, fluid Pure Fluid Pure
COz COZ

Figure 4.7: Temperature drop of actual pipeline and pure CO- fluids.

H20, SO2, NHs, and H2S reduced the heat losses in the binary fluid pipelines
while all other impurities increased the heat loss over that of pure CO2. All actual
pipeline fluids showed higher heat losses than pure CO:2. Increased heat loss
may reduce fluid temperatures and change the fluid state from supercritical to
subcritical. At subcritical state, the pressure losses are reduced, and the fluid can

be transported for longer distances before recompression.
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4.2.6 Effects of impurities on pressure drop
When CO: fluids are transported in pipelines as supercritical fluids, there is no
discontinuity in the fluid properties even when the temperature falls below the

critical value (Raimondi 2014). However, if the pressure drops below the critical

value, there may be drastic changes in phase. For this reason, the fluid pressure
is maintained above the critical point by re-pressurizing at a specified minimum
fluid pressure value. The pressure drop is calculated, and transportation
distances ascertained for the installation of pressure boosting stations. Several
different forms of similar equations exist for the determination of pressure drop.

Equation 2.45, a frictional pressure drop equation given in IEA GHG (2002) is

suitable for only horizontal pipelines. Pressure drop equation for both frictional

pressure loss and elevation change are given in Equation 4.1 (Chandel et al.

2010). The complete pressure drop equation, for frictional, elevation and
acceleration effects is rarely used in design. Figures 4.8 and 4.9 show the

pressure drop of the binary fluids and the selected pipeline fluids, respectively.

2
AP =L12P 1 pgaz (4.1)

where AP is the pressure drop (MPa), L is the pipeline length (m), u is the velocity
of the fluid (m/s), g is acceleration constant (m/s?), AZ is the change in elevation

from the inlet to the outlet (m).
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Figure 4.8: Pressure drop of CO> binary fluids from inlet to outlet of pipeline.
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Figure 4.9: Comparison of pressure drop of actual pipeline fluids and pure COo..

Three impurities (SO2, H20 and NH3) reduced the pressure losses. SO2 impurity
resulted to the highest reduction in pressure loss while Hz resulted to the highest
increase of pressure loss. All actual pipelines showed increased pressure loss
due to the impurities. The Weyburn pipeline had the smallest increase while the
Cortez pipeline had the highest increase in pressure loss due to the impurities.
However, it should be noted that the Cortez pipeline is longer than all other
pipelines and would have higher pressure loss than others.
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4.2.7 Effects of impurities on pressure in non-horizontal pipelines

Two pipelines rising and falling 300 m from inlet to outlet were analysed to study
the effect of impurities on the pressure behaviour of non — horizontal CO2
pipelines. The pipeline is the same as the one in Table 4.1 except that the
elevation is + 300 m for the inclined pipeline and — 300 m for the declined pipeline.
Figure 4.7 shows the pressure drop of the two pipelines. The bars above 0 or
positive values show a pressure loss while bars below 0 or negative values show

a pressure increased.
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Figure 4.10: Pressure drop of non — horizontal pipelines.

In the inclined pipeline, pressure drop for all binary fluids increased compared to
the horizontal pipeline because of the elevation component of the pressure drop,

(see Equation 4.2). For non — horizontal pipeline, the elevation component plays
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a significant role in pressure changes. For pipelines going downslope, the
pressure may increase depending on the angle of elevation and the impurity. In
this case, pure CO2 and 10 mol % of Hz2S, SOz, H20 and NHs caused an increase
in pressure. The magnitude of the impact of the impurities is also dependent on
the pipeline profile. The percentage increase in pressure due to Hz impurity is
41.7 % for horizontal pipeline, 8.83 % for the inclined pipeline and 263 % for the
declined pipeline. H2S impurity which barely had any effect on the pressure drop
in horizontal pipeline showed an 8.21 % increase in pressure gain in declined
pipeline. The impact of the impurities is smallest for inclined pipeline and largest
for declined pipeline, see Table 4.6. It is generally understood that H2 and H2S
has the highest and smallest impact in COz2 pipeline transportation, but this is only
true in horizontal pipelines. In this simulation, changing the elevation from 300 to
350 min the inclined pipeline makes SO2 to have the highest increase in pressure
drop. Due to the elevation component, higher pressure losses are expected from
fluids with higher densities in inclined pipelines. In pipelines going downslope, the
pressure will increase if the elevation component is higher than the frictional
component. Therefore, SO2 has the highest pressure gain of 0.995 MPa in the
pipeline running downslope.

Table 4.6: Percentage of impurity induced pressure change in pipeline profiles.

Elevaton SO, CHs HS CO 02 Ar NHs; N2 H0 H:

300 m 243 033 043 002 052 069 05 005 122 8.83

Om 10.15 22.08 0.54 25.23 18.93 14.27 1.52 25.01 5.53 41.67
-300m 82.12 1514 8.21 169.7 130.3 100.5 7.85 168.2 46.7 263.0

4.2.8 Results and discussion
All common impurities increased the critical pressure of the fluid. H2S caused the

smallest increase and H2 the highest increase. All pipeline fluids have critical
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pressures higher than pure CO2 except the Weyburn pipeline which contains a
C2+ fraction. Canyon Reef pipeline fluid has the highest concentration of
impurities and the highest critical pressure. In terms of critical pressure, no
impurity has a positive effect because all would require a higher minimum pipeline

pressure than pure COa.

An undesirable two — phase region is created by all impurities. A two — phase
region will form in a combination of gases having different condensation or
vaporisation pressure/temperature combinations. H2 formed the widest two —
phase region while H2S, the narrowest. Canyon Reef with the highest
concentration of impurities also has the widest two — phase region followed by
Cortez. Due to the two — phase region formed by impurities, the pressure and
temperature combinations for subcritical flow is also reduced. For example, pure
COz2 is a subcritical fluid at a pressure of 7 MPa and 20 °C but the Cortez pipeline

fluid will be in two — phases at this pressure and temperature.

All pipelines showed increased temperature drop due to impurities. The
temperature drop increased for Cortex pipeline from 42.79 °C (pure CO2) to 60.28
°C (with impurities), for Weyburn pipeline, from 14.80 °C (pure CO2) to 15.24 °C
(with impurities), for Canyon Reef pipeline, from 14.34 °C (pure CO2) to 25.15 °C
(with impurities) and for Sheep Mountain pipeline from 23.48 °C (pure CO32) to
27.04 °C (with impurities). Since lower fluid temperatures result to lower pressure
losses, all impurities have positive effect in terms of temperature. However, if
supercritical state transportation is specified, the impurities may increase the
likelihood of heating the pipeline fluid to attain supercritical conditions, thereby

incurring additional cost.
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All impurities increased the pressure losses except SO2, H2O and NHs. The
smallest increase in pressure loss was due to H2S and the largest was due to Ha.
All pipelines showed increased pressure drop compared to pure CO: fluids in the
pipelines. Additional pressure losses for Weyburn pipeline was 0.24 MPa, for
Cortex pipeline was 3.98 MPa, for Canyon Reef pipeline was 2.69 MPa and for
sheep Mountain pipeline was 1.05 MPa. These additional pressure losses may
increase capital and operational costs. If a minimum pressure of 10 MPa is
assumed, the number of booster stations for the pipelines will increase from 8 to
9 for Cortez, 4 to 5 for Sheep Mountain but no change at 2 for Weyburn and 3 for

Canyon Reef.

Table 4.7 shows the percentage deviation due to the single impurities for each
parameter studied and Table 4.8 shows the deviation from pure CO:2 due to the

impurities in the pipelines.

Table 4.7: Percentage change in horizontal pipelines due to 10 mol %

impurities.
barameter Pressure Temperature Density Critical
drop (%) drop (%) increase (%) pressure (%)
H2S 0.54 -0.04 3.36 1.1
NHs3 1.6 -0.20 2.72 9.2
H20 -5.4 -0.28 18.70 20.0
SO2 -10.3 -0.24 14.04 15.5
CO 24.9 0.84 -20.55 19.1
Ar 14.1 0.56 -14.30 13.6
CHas 21.6 0.60 -17.41 7.70
02 18.9 0.68 -15.50 17.3
N2 24.8 0.84 -21.13 19.6
H2 41.6 1.48 -36.23 46.1
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Table 4.8: Percentage of pressure and temperature change due to impurities

Pipeline Pressure drop (%) Temperature drop (%)
Weyburn 4.48 2.95
Cortez 10.13 40.85
Canyon Reef 23.29 75.40
Sheep Mountain 5.44 15.16

4.3 Impact of single impurity at maximum allowed concentrations

Impurities with concentrations that are less than 0.1 % are inconsequential and
are ignored. Though some impurities concentrations may be as low as 0.001 mol
%, others could be as high as high as 10-mol %. The total concentration of
impurities in CO2 pipelines is rarely above 10 mol %. In this section, the maximum
concentration of CHa is 4-mol %, but it could be much higher. For example, it is
as high as 15 mol % in the Canyon Reef Carrier pipeline in the USA (Patchigolla

and Oakey 2013).

4.3.1 Methodology

A chemical process simulator, Aspen HYSYS (V10) is used to simulate the
parameters studied; z - factor, density, phase envelope, critical pressure, critical
temperature, viscosity, temperature, and pressure. g°PROMS was also used to
simulate z — factor, density, viscosity, temperature, and pressure. Peng —
Robinson (PR) EoS was utilised in both gPROMS and Aspen HYSYS to calculate
thermodynamic properties of CO2 mixture state, temperature, and pressure
losses. Results obtained from both software were compared and analysed. CO:2
and single impurity fluids at maximum concentrations were simulated.
Specification for the hypothetical pipeline is shown in Table 4.9. The inlet
pressure is assumed to be 15 MPa and minimum pressure to be 9 MPa. If the

pressure drops below the minimum, not in this simulation, recompression is
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required. An inlet temperature of 33 °C is assumed to keep the fluid in
supercritical state at the inlet. No minimum temperature is specified since the fluid
will remain in the dense phase. All impurities are studied at their specified
maximum concentrations and their effects on the fluid parameters at the same
conditions as pure CO:2 are recorded. The impurities are graded according to the

magnitude of their effect.

Table 4.9: CO> Pipeline specification for impurities at maximum concentration.

Pipeline length (m) 100,000
Inner diameter (m) 0.711
Outer diameter (m) 0.885
Mass Flow (kg/h) 2,200,600
Angle of elevation (°) +0.287/0/-0.287
Pipe Wall Roughness (m) 4.57E-05
Pipe Wall conductivity (W/ (m K)) 45

Inlet Pressure (MPa) 15

Inlet Temperature (°C) 33

4.3.2 Impact of impurities on density variation

Each impurity affects the fluid density according to its molecular mass.
Expectedly, the heavier gases increased the density and the lighter gases
reduced the density. The densities of pure CO2 and binary fluids are shown in
Figure 4.11. Due to its high concentration, 10 mol % N2z resulted to the lowest
density (650 kg/m3), against Hz at equal concentrations. 6.5-mol % H20 has the
highest increase of density at 6.11 %. The density of the fluid was reduced by

10.71 % by 4-mol % Ho.
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Figure 4.11: Densities of CO2 binary mixtures.

4.3.3 Impact of impurities on critical pressure and temperature

To achieve supercritical state, the CO2 fluid is compressed and the pipeline
insulated to reduce the heat lost to the surrounding. Since it is expensive to
compress and heat the fluid, lower critical pressures are desired because they
require less compression work and consequently lower energy cost. All binary
CO: fluids have higher critical pressure than pure CO: fluid. Since the critical
pressure dictates the minimum pressure of the pipeline, a high critical pressure
increases the operational cost of CO2 pipelines. The highest critical pressure was
due to 10-mol % N2 and the lowest was due to 1.5-mol % H2S. As seen above,
at equal mol %, H2S still has the lowest critical pressure but the highest critical
pressure is due to Hz. Impurities resulting in higher critical pressures therefore

increases the cost of fluid compression and transportation.

Increases in critical temperature were observed with only NHs, SO2, and H2S. A
low critical temperature favours supercritical flow since a wider temperature range

is then within the supercritical region. High critical temperature decreases the
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temperature range for supercritical fluid transportation. However, it was found
that the lower transportation temperatures are more economical (see chapter 5).
Fluids at subcritical state generally have higher densities than at supercritical
state. Therefore, CO2 fluids transported at subcritical state result to lower
pressure losses than when transported at supercritical state. The lowest critical
pressure resulted from 10-mol % N2 while the highest critical temperature
resulted from 3-mol % NHs. It is noted that a high critical temperature may
necessitate heating the pipeline fluid if supercritical state is specified. In this case,
impurities resulting to lower critical temperature are beneficial as the need for
heating to attain supercritical state may be eliminated. The critical temperature

and pressure of the binary CO: fluids is shown in Table 4.10.

Table 4.10: Critical pressure and temperature of CO2 fluids

Pure 4% 10% 4% 5% 15% 15% 02% 3% 3.5%
CO2 CHa N2 H2 02 SO2 H2S CO NHs Ar

Impurity

Pc(MPa) 737 799 882 786 740 756 738 7.60 757 7.71
Tc (°C) 309 278 236 285 308 340 312 280 343 288

4.3.4 Impact of impurities on viscosity

Viscosity of a gas is important in determining the friction factor while calculating
pressure losses in CO:2 pipelines. The Reynold’s number used in the
determination of the friction factor is a function of fluid viscosity. Viscosity
changes may be non-linear within the range of pressure and temperature of
pipeline CO2 transportation. Pressure, temperature, and composition strongly
affect the viscosity of gases. Viscosity of CO:2 fluids show nonlinearity at

supercritical temperatures, so McCollum and Ogden (2006) recommended the

use of complex equations. At high densities, viscosity reduces with increase in

temperature but at low densities it increases with increase in temperature
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(Zabaloy et al. 2005). At pressures between 10 MPa and 60 MPa, the viscosity

of 0.56-mol % and 99.44-mol % CO:2 pentaerythritol tetra-2-ethylhexanoate

(PEB3) decreased with increase in temperature (Pensado et al. 2008). Viscosity

will therefore decrease with increase in temperature because the density of CO2
is high, usually higher than 8 MPa at supercritical pressures. Figure 4.9 shows

the actual viscosity values of the fluids.
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Figure 4.12: Viscosity of binary CO- fluids at 15MPa and 33 °C.

Viscosit

The highest viscosity value is due to 10-mol % N2 and the lowest viscosity value
is due to 6.5-mol % H20. An increase in viscosity increases the friction between
subsequent layers of the flowing fluid and tends to increase pressure drop. H20,
SO2, and H2S had negative impacts on viscosity though they resulted to less
pressure losses due to other effects. Higher pressure losses are expected with

higher viscous fluids if all other parameters are the same.

4.3.5 Impact of impurities on fluid pressure

The pressure decline in CO2 fluids flowing in pipelines is dependent on viscosity,

density (Tan et al. 2015) and velocity among others. In inclined pipelines, the
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effect of density may become the major determinant factor in pressure changes.
The elevation component of the pressure loss term may outweigh the effect of
frictional pressure loss. For this reason, high-density fluids will result in higher
pressure losses than low density fluids. The reverse is true in horizontal pipelines
where lighter fluids result to high pressure losses at the same mass flow rate
because of higher velocities. In declining pipelines, higher density fluids also
result to higher pressure gains for the same reason of the elevation component.

See Equation 3.59

2
AP =21 pgAz (3.60)

In horizontal pipelines, gases heavier than CO2 decreased the pressure losses
while lighter gases increase the pressure losses. This is due to the increased
velocity of the lighter gases. The effect due to the increased velocity outweighs
the reduced density when squared (see Equation 3.59). Pressure loss during flow
determines the distance fluids can be transported in pipelines before
recompression. The cost of CO:2 pipelines increases when there are high
pressure losses. Increase in capital cost to install more pressure boosting stations

and increased operational cost in running the boosting stations. Elahi et al. (2014)

gives a transportation cost model and Kemp and Sola Kasim (2010) gives a

model for optimising cost of transportation in CO2 pipelines. Analysis for obtaining

minimum pipeline transportation cost is given in Benson and Ogden (2003).

Where pipelines are expected to gain in pressure, they may be designed to
minimize pressure increase. High fluid pressures may cause erosion of the
pipeline inner wall, affect pipeline joints/seals, cause leakages, or even require

pressure reducing stations to be installed.

115



At the permitted maximum concentrations, only H20 and SOz impurities resulted
to lower pressure losses than pure COz in horizontal pipelines. Therefore, binary
CO:z2 fluids with H20 and SOz impurities will be transported for longer pipeline
distances than pure CO:2 before requiring recompression, thereby reducing
transportation cost. The minimum pressure loss occurred with H20 (1.54 MPa)
and the maximum with N2 (2.04 MPa). The difference between the maximum and

minimum losses is 0.50 MPa.

Pressure losses are significantly affected by pipeline profile. The pressure drop
in an inclined pipeline is higher than that in horizontal pipeline. This is due to the
elevation component of the pressure loss equation. Though pressure losses in
inclined pipelines are higher than horizontal pipelines, the effect of impurities is
slightly reduced. The maximum decline of pressure at the studied inclination is
5.28 MPa, due to H20 and the minimum is 4.86 MPa due to N2. The difference
between the maximum pressure loss and minimum pressure loss is 0.42 MPa.
Impurities heavier than CO:2 also increased the pressure losses in the uphill

pipeline.

In pipelines running downhill, the pressure increased in all cases studied. This
increase is because the gain in pressure from the elevation component
outweighed the frictional pressure loss. Pipelines with negative inclination angles
showed reduced pressure gain/loss. However, the net effect due to the impurities
increased. The difference between the maximum pressure gain was due to H20

(2.30 MPa) and the minimum pressure gain due to N2 (0.88 MPa) is 1.42 MPa.

Figure 4.13 shows the pressure changes of the COz: fluids in the three pipeline

scenarios. Here, negative values (bars) indicate pressure increases. Pressure
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increase is also not desired as pressure reducing stations may be required to

control the pressure.
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Figure 4.13: Pressure change of CO: binary fluids in horizontal, uphill and
downbhill pipeline

4.3.6 Impact of impurities on fluid temperature

As CO: flows in the pipeline, heat is transferred from the flowing fluid to the soil
or surrounding. Heat transfer out of the pipeline is in three components,
convective heat transfer between the fluid and the inner pipeline wall, the heat
conduction from the inner pipeline wall to the outer pipeline wall and the heat

emission to the surrounding (Na et al. 2012). Compressors can generate heat

and increase the fluid temperature which is dissipated to the surrounding.
Though, multistage compression for CO:2 fluids is usually combined with

intercooling (Porter et al. 2016). If the fluid temperature is higher than the
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surrounding temperature, the maximum and minimum flowing fluid temperatures
occur immediately after exiting the compressor and just before entering the
compressor. Flowing fluid temperature also affects the performance of CO:2
pipelines (see Chapter 5 below). There may be transfer of heat from the
surrounding to the pipeline during depressurisation, as the CO2 cools due to

vaporisation and the Joule-Thompson effect (de Koeijer et al. 2011) or if the

surrounding soil temperature is higher than the pipeline temperature. This
(reverse) heat transfer usually occurs during start-up or shut down for a short time
or during a leak. COz2 pipelines are therefore first pressured with N2 during start-

up to avoid the cooling effect of expanding COx.

The temperature variations of the binary CO: fluids were studied. The
temperature loss of each CO:2 fluid flowing in a horizontal pipeline is shown in
Figure 4.11. Lower flowing temperatures are desired because it results in less
pressure loss and higher volumes transported due to increased density (Zhang
et al. 2006). It may then be understood that impurities which increase heat loss
have positive effects. To ensure adequate heat loss pipelines may not be
insulated. The highest heat loss (4.03 °C) was due to 10-mol % N2, and the
minimum heat loss (1.60 °C) was due to 6.5-mol % H20. 1.5-mol % H2S had a

negligible effect on temperature.
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Figure 4.14: Temperature drop of binary mixtures.

4.3.7 Impact of impurities on phase envelope

Transporting CO: fluids above the critical pressure prevents the formation of the
gaseous phase. The phase envelopes of the binary fluids are shown in Figure
4.15 where the bubble point curve is shown as a solid line and the dew point
curve as a dashed line. The widest two — phase envelope was created by 4-mol
% H2 and the narrowest by 1.5-mol % H2S. Impurities in the COz2 fluid increase
the likelihood of a two-phase forming as pressure and temperature decline in the
pipeline. To indicate the effect of each impurity on the formation of a two — phase
flow, the (dimensionless) area enclosed by the dew point and bubble point lines

intersected by a vertical line drawn at 0 °C is given in Table 4.11.

Table 4.11: Dimensionless area of two-phase region of binary fluids at their
maximum concentrations from 0 °C to critical temperature.

Impurity CHs SO2 H2S O2 H2 CO NHs N2 Ar
Dimensionless 18.0 124 23 31 26 24 6.5 600 220
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Figure 4.15: Phase envelope of binary CO: fluids.



4.3.8 Grading of impurities

Impurities take up some volume of CO: fluid thereby reducing the actual volume
of COz2 transported. However, some impurities, as stated above, seem to have
some positive impact on the overall transportation process. Table 4.12 presents

the percentage increase of each property due to each impurity.

Table 4.12: Percentage increase of fluid properties due to each impurity.

Param. N> CH4 Ar SOz HzS Oz H> CO NHs3 Hzo

AP (%) 32.0 8.0 6.0 -22 -0.7 9.8 6.9 0.3 5.8 -2.9
p (%) -194 58 -39 21 -01 -7.3 - -04 -03 6.1
Pc (%) 19.67 3.2 4.6 2.6 0.1 8.4 6.7 0.4 2.8 -
Tc (%) -23.7 96 -7.1 938 09 -101 -80 -044 10.7 -
P-T* 60.0 18.0 220 124 23 31.0 260 2.4 6.5 -

H (%) -129 51 -88 13 4.4 -4.9 -6.9 -0.2 -01 -31.8
AT (%) 87.2 193 155 -51 -01 273 36.3 11 -59 -255

* P-T (Two — phase envelope) is in dimensionless area.

From Table 4.12 a list showing the relative impact of impurities on each property
given in order of increasing negative effect isgiven below. Impurities at the

beginning of the list may have positive impact on transportation.
e Pressure: H20, SO2, H2S, CO, NHs, Ar, CH4, Oz, H2, N2
e Heatloss: N2, Hz2, O2, CHa, Ar, CO, H2S, SO2, NH3, H20
e Density: H20, SOz, Hz2S, NHs, CO, Ar, CH4, O2, H2, N2
e Viscosity: H20, Nz, Ar, Hz, CHa, Oz, CO, NHs, SO2, H2S
¢ Phase envelope: H20, H2S, CO, NHs, SO2, CHa, Ar, Oz, N2, H2
e Critical pressure: H20, H2S, CO, SOz2, NH3, CHa, Ar, Hz, O2, N2

e Critical temperature: H20, NHs, SOz2, Hz2S, CO, Ar, H2, CHas, O2, N2
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All impurities increased the critical pressure with N2 having the most increase at
more than 19.6 % while H2S increased it by just 0.11 %. Since higher critical
pressure also requires higher minimum pressure, N2 had the highest negative
impact and H2S has the least negative impact. No impurity has positive impact

on critical pressure.

Impurities that reduce pressure decline have positive effects on transportation.
These impurities will enable the fluid to be transported for longer distances when
compared to pure COz. In terms of pressure loss, H20 and SOz have positive
impact. No actual CO:2 pipeline has up to 6.5 mol % water concentration, and it
should be noted that free H20 causes corrosion and is therefore undesirable. All
pipelines running downslope gained in pressure. A pressure increase is also
undesirable because high pressures may affect pipeline joints/seals and cause

leakages.

4.4 Chapter conclusion

The impact of impurities at equal concentrations and at the maximum specified
concentrations were studied. Impacts on density, critical pressure, P — T diagram,
temperature and pressure have been considered in this chapter. At equal
concentrations, it was found that H2 has the worst impact while H2S has the
mildest impact. All impurities studied increased the critical pressure of the fluid.
The critical pressure of the Weyburn pipeline was however, less than that of pure
CO:z2. This low value can be attributed to the presence of C2+ components, which
are not significant impurities in CCS fluid streams. Some impurities have positive
impact on the flowing streams, so both positive and negative impacts and the
percentage change from pure CO2 were considered. It is recognised that CO:2

pipeline fluids usually have multiple impurities and binary fluids are considered
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only for the purpose of comparing the impact of each impurity. The grading for
pressure changes is done only for horizontal pipelines because the impact of
impurities on pressure changes in the pipeline is a function of the impurity, the
concentration, and the angle of inclination of the pipeline. It becomes difficult to
grade the impact of the impurities when non — horizontal pipelines are considered.
Impurities that cause high pressure losses in horizontal pipelines may result to
lower pressure losses in inclined pipelines and less pressure gain in pipelines
with a negative inclination angle. Generally, the effect of impurities on pressure
is reduced in pipelines with positive inclination angles and increased in pipelines

with negative inclination angles.
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Chapter 5: COz2 Pipeline Transportation: Supercritical or Subcritical Flow

5.1 Introduction
Captured CO:2 from industrial processes is mostly transported in pipelines in the

dense phase (sub-cooled liquid or supercritical fluid) (Teh et al. 2015). CO2 could

also be transported in the gaseous phase but this is uneconomical due to the high

pressure losses and low density (Zhang et al. 2006). According to Knoope et al.

(2013a), gaseous phase transportation is economical at low flow rates, low

pressures and short distances. The definition of CO:2 pipeline fluid in Forbes et al.

(2008) suggests that the fluid phase must be supercritical. Leung et al. (2014)
recognized supercritical state as the preferred state in CO:2 pipeline
transportation. The need or otherwise for this preference is investigated in this
chapter by comparing the two modes of transportation by analyzing oxy—fuel,

pre—combustion and post combustion fluids at four different temperatures.

5.2 Methodology and modelling

Pressures and temperatures maintained above 7.3 MPa and 31.1 °C keep pure
CO:2 in supercritical state. But pressure and temperature decline along the
pipeline during transportation and the flowing fluid may enter the gas phase if the
pressure falls below the critical value. Two-phase (liquid and gas) flow may also
result if the fluid contains impurities (as in most pipelines) and gaseous and liquid

phases co-exist in the pipeline.

The Peng Robinson EoS was used in Aspen HYSYS (V10), in steady state mode
on a 50 km insulated hypothetical pipeline with a mass flow rate of 1,080,000
kg/hr. Typical fluids from the three major capture methods (oxy—fuel, pre—
combustion and post—combustion) are used in this analysis. The transportation

of the fluids from the three capture methods are separately simulated. Table 5.1
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shows the specification of the pipeline used in the analysis. The phase envelopes
of the fluids are shown in Figure 5.1. In Figure 5.1, the (red) rectangle encloses

the range of pressure and temperature considered in this study.

Four pressure and temperature points are selected for this analysis. Two points
each for supercritical and subcritical phases. First, the critical pressure and
temperature are determined for the three fluids. This is to ensure that two of the
temperature points selected for the fluids are above the critical value and two
below the critical value for all three fluids. The composition of the fluids is shown
in Table 5.2. The maximum (inlet) pressure for the analysis is 17 MPa. The
selected temperatures are 40 °C and 33 °C (for supercritical) and 26 °C and 19
°C (for subcritical). Only horizontal pipelines are considered, and the ambient
temperature is assumed to be 10 °C. To ensure that the fluid remains in the dense
phase, the minimum pressure is specified at 10.0 MPa, which is higher than the

highest critical pressure (that of oxyfuel).

Table 5.1: Pipeline specification

Parameter Value
Internal diameter (m) 0.4556
Outer diameter (m) 0.5080
Material Mild steel
Roughness (m) 0.0000457
Length (m) 50,000
Elevation (m) 0
Pipe wall conductivity (W/m.K) 45
Insulation - Urethane Foam (m) 0.10
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Figure 5.1: Phase envelopes of CO> capture fluids.

Table 5.2: Concentration of Impurities for the capture methods (Antonie
Oosterkamp 2008; Seevam et al. 2008).

Component Oxyfuel

Pre-combustion Post combustion

CO2 85.00
N2 6.00
CHa -
H2S -
H2 -
Ar 4.00
O2 2.23
CO 0.07
Co+ -
NO:2 0.24
SO2 2.45
H20 0.01
Total 100.00

96.05
0.05
0.03
2.00
1.70
0.04
0.03

0.05
0.05
100.00

99.78
0.17
0.01

0.01

0.01
0.01

0.01
100.00
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5.3 Results and discussion
The results for critical pressure, density, pressure loss, temperature change,
volume of fluid transported, relative distance transported, and viscosity are

presented below.

5.3.1 COgcritical pressure

The critical pressure and temperature of the three fluids are shown in Figure 5.2.
Oxy — fuel has the highest critical pressure but the lowest critical temperature. At
all inlet temperature, the fluid with the highest critical pressure had the highest
pressure drop. Post combustion fluid with the lowest critical pressure had the
lowest pressure loss. It can be found from this that fluids with higher critical
pressure also result to higher pressure losses. Therefore, impurities that increase
the critical pressure not only increase the cost of compression to attain
supercritical state but may also increase the number of pressure boosting
stations. The effect of critical temperature on pressure drop cannot be inferred
because post combustion and oxy - fuel fluids with lower critical temperatures

than pre — combustion fluid had lower and higher pressure drop, respectively.

12

10

Pressure (MPa)
(@]

Oxy-fuel
4 Pre Combustion
2 Post Combustion
0
27 28 29 30 31 32

Temperature (°C)

Figure 5.2: Critical points of typical CO> capture fluids.
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5.3.2 COg2 fluid density

The density at the inlet of the pipeline increased as the inlet temperature was
reduced. A total increase of 163.48 kg/m?3 or 24.50 % (for oxy-fuel), 134.88 kg/m3
or 18.02 % (for pre-combustion) and 135.79 kg/m?® or 17.38 % (for post-
combustion fluid) at the minimum temperature of 19 °C. This increase in density
could be explained as an increase in volume transported. Increased density
implies smaller volume and may reduce the size of the pipeline used (Li and Yan
2009). It should be noted that there is no actual increase in volume transported
because the flow rate is held constant. The supposed increase in volume
transported shows as reduced pressure drop and slower velocity. However, if the
flow rate is not kept constant, the indicated percentage increase in volume
(shown as flowrate) can be transported at the lower temperatures, see Table 5.3.
A flowrate of 1,116,576 kg/hr at 33 °C or 1,141,880kg/hr at 27 °C or 1,173,930
kg/hr at 19 °C will result in the same pressure loss as 1,080,000 kg/hr at 40 °C

for post — combustion fluid in the pipeline.

Table 5.3: Percentage increase of mass flow for lower temperatures.

_ 33°C 26 °C 19 °C
Fluid ) o o

(supercritical)  (liquid) (liquid)

Oxy-fuel 331 % 5.92 % 8.85 %

Pre combustion 3.90 % 6.68 % 8.93 %

Post combustion 3.39% 573 % 8.70 %

5.3.3 COg2 pipeline flowing pressures

As stated earlier, pressure losses are lower at lower temperatures. For the oxy-
fuel fluid, the pressure loss was 3.48 MPa at 40 °C, 3.18 MPa at 33 °C, 2.94 MPa
at 26 °C and 2.76 MPa at 19 °C. The other two fluids show the same trend of

lower pressure losses at the lower inlet temperatures. This means that the fluids
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will flow for longer distances before requiring recompression. See Figure 5.3 for
the pressure profile for the four temperature values of the oxy-fuel fluid. The lines
are extrapolated to show the transportation distance for each inlet temperature to
reach the minimum pipeline pressure of 10 MPa. The fluid will be transported for
100.9 km at 40 °C, 110.2 km at 33 °C, 119.0 km at 26 °C and 126.9 km at 19 °C
in the specified pipeline for the pressure to decline to 10 MPa. Table 5.4 shows
the pressure losses of each fluid at all inlet temperatures. Table 5.5 presents the
percentage increase in transportation distance for the reduced inlet temperature

values.
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Figure 5.3: Oxy-fuel pipeline pressure profiles at indicated temperature.

Table 5.4: Pipeline pressure drop.

_ 40 °C 33°C 26 °C 19 °C
Fluid (supercritical) (supercritical) (liquid) (liquid)
Oxy-fuel 3.48 3.18 2.94 2.76
Pre combustion 3.07 2.86 2.72 2.58
Post combustion 2.93 2.74 2.62 2.49
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Table 5.5: Percentage increase in fluid transport length for lower temperatures.

_ 33°C 26 °C 19 °C
Fluid . o o
(supercritical)  (liquid) (liquid)
Oxy-fuel 8.45 % 15.28% 20.64 %
Pre combustion 6.94 % 1141 % 15.79%

Post combustion 6.53 % 1057% 15.20%

5.3.4 Viscosity and temperature

The viscosity of the fluid increases with reduced temperature. However, this
increase is too small to significantly affect the flow or raise pressure losses. Table
5.6 shows the viscosity of the fluids at the four temperatures. Heat is lost to the
surrounding soil as the fluid flows along the pipeline. At lower temperatures, the
heat loss is smaller because the temperature difference between the flowing fluid
and the surrounding is reduced. Reduced heat loss keeps the temperature of the
flowing fluid at a higher value and may cause higher pressure losses. However,
the differences between the inlet temperatures of any two subsequent fluids (7
°C) is higher than the temperature change due to heat loss of any pipeline (see
Table 5.7). Therefore, the effect of the heat loss on the performance of the

pipeline cannot be understood in this study.

Table 5.6: Viscosity of fluids at the inlet.

33°C 26 °C 19°C

Fluid 40 °C N o o
(supercritical) (liquid) (liquid)
Oxy-fuel 0.0439 0.0457 0.0473 0.0599
Pre combustion  0.0501 0.0517 0.0648 0.0766
Post combustion 0.0523 0.0538 0.0678 0.0808
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Table 5.7: Temperature drop along the pipeline

33°C 26 °C 19 °C
Fluid 40 °C N o o
(supercritical) (liquid) (liquid)
Oxy-fuel 6.34 4.61 3.34 2.39
Pre combustion 4.05 2.96 2.18 1.55
Post combustion  3.55 2.61 1.92 1.35

5.3.5 Volume and velocity

Even though the volume of fluid transported is the same for all temperatures
because the flow rate is fixed at 1,080,000 kg/hr, the velocity is different at the
various temperatures. The fluid velocity reduces with decrease in temperature
because the fluid contracts. This reduced velocity translates into less pressure
loss at lower temperatures. Every pipeline has erosional velocity and the reduced
velocity due to lower temperatures reduces the likelihood that the erosional
velocity is attained. The erosional velocity is the bulk fluid velocity that can
remove pipeline protective scales present in the inside of the pipeline (Bai and

Bai 2005). The API formula for erosional velocity according to (Sani et al. 2019)

is given in Equation 5.1. Table 5.8 shows the inlet velocities of the three fluids.
The velocities of the three fluids are different because the densities are different.
The velocity/pressure - drop ratio is a constant for any flowrate and pipe diameter.
For example, the initial velocity/pressure - drop ratio for this pipeline is 0.8. The
linear relationship between pressure drop and velocity of a fluid flowing at a rate
of 1,080,000 kg/hr in a 0.4556m pipeline for three different pipeline lengths is
given in Figure 5.4. The ratio increases with decrease in pipeline length. In other
words, the ratio of pressure — drop versus initial velocity increases with increase

in pipeline length. This ratio is independent of fluid inlet temperature.

(5.1)
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where u, is the erosional velocity (m/s), p,, is the density of the fluid and c is API

RP factors. ¢ = 100 for solid free continuous flow and ¢ = 125 for intermittent flow.

Table 5.8 Pipeline inlet velocity at different inlet temperatures

Fluid 40 °C 33°C 26 °C 19°C
ui
(supercritical)  (supercritical) (liquid) (liquid)
Oxy — fuel 2.76 2.54 2.36 2.21
Pre — combustion 2.46 2.30 2.17 2.08
Post — combustion 2.35 2.21 2.12 2.01
8
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Figure 5.4: Plot of pressure - drop versus velocity.
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5.4 Chapter conclusion

Fluids from the major capture methods, oxy — fuel, pre — combustion and post —
combustion, were analyzed to see the effect of transporting CO: fluids in pipelines
at the same inlet pressure while varying the temperature. The results show that
lowering the temperature improved the performance of the pipeline. The density
of the fluid increased when the temperature is reduced, making it possible to
transport higher volumes of fluid. The velocity also reduced with decreasing
temperature. The reduced velocity is beneficial in terms of erosional velocity and
lower pressure loss. Fluids flow for longer distances at lower temperatures
thereby reducing the number of pressure boosting stations and the cost of
running them. Subcritical fluids performed better than supercritical fluids in all
parameters examined. It is therefore more economical to transport CO2 as an

uncooled liquid than as a supercritical fluid. Teh et al. (2015) after analyzing the

effect of ambient temperature on liquid CO:z pipeline also concluded that
transporting liquid CO2 is better than transporting supercritical CO2. The
preference for transporting supercritical fluid over subcritical fluid in CO2 pipelines

is not justified because subcritical CO2 flow is more economical.
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Chapter 6: Modelling of effects of impurities

6.1 Introduction

This chapter presents the impact of each impurity on the properties of CO: fluids
flowing in pipelines. The properties considered include gas compressibility factor
(z — factor), density, viscosity, temperature, and pressure. Several equations of
state are used in the computation of the z — factor. The most accurate equation
is selected and used in the analysis of other parameters. Researchers have
evaluated several EoS for CO2 mixtures but a clear advantage of one over the
rest has not been established. The EoS considered in the gPROMS simulation
include Peng — Robinson (PR), Peng — Robinson Stryjek Vera (PRSV), Patel —
Tega PT), Redlich — Kwong RK), and Soave Redlich — Kwong SRK). However,
in the Aspen HYSYS simulation, only PR, SRK and PRSV are considered
because the others have not yet been included in the software. A 20km
hypothetical pipeline with internal diameter of 0.500 m and external diameter of
0.550 m is selected for the analysis. The fluid flowrate is 500 kg/s and the inlet
temperature and pressure are 33 °C and 15 MPa, respectively. Table 6.1 shows

the composition of each binary fluid.

Table 6.1: Binary fluid composition.

. CO2  Impurity _ CO2 Impurity
Fluid Fluid
mol % mol % mol % mol %

Pure CO2 100 0 CO2/Ar 95 5
CO2/CHj4 95 5 CO2/H2 95 5
CO2/N2 95 5 CO2/NHs3 95 5
CO2/H2S 95 5 CO2/SO: 95 5
CO2/02 95 5 CO2/H20 95 5
CO2/CO 95 5
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6.2 Zfactor of COz pipeline fluids

Z — factor is used in the computation of density. The use of binary interaction
parameters has minimal effect on the values obtained. Though binary interaction
parameters are volume, composition and temperature independent and therefore

taken as constants (Li and Yan 2009), they differ for different E0S. The z — factor

values obtained from the various equations are shown in Table 6.2. The
maximum change for the z — factor from that of pure CO2 in the gPROMS
simulation using the PR EoS occurs with Hz (-0.0524) and the minimum with Hz2S
(0.0089). The minimum change of z — factor with Aspen HYSYS is zero. 5 mol %

H2S impurity and pure CO: is the same.

Table 6.2: z - factors for different EoS.

gPROMS Aspen HYSYS
Fluid RK SRK PR PRSV PT PR PRSV  SRK
CO; 0.3513 0.3556 0.3220 0.3221 0.2811 | 0.3221 0.3218 0.3577

CO./CHs 0.3638 0.3724 0.3415 0.3384 0.3218 | 0.3423 0.3421 0.3778
CO2/N,  0.3696 0.3828 0.3529 0.3475 0.3475 | 0.3492 0.3487 0.3853
CO2/H,S 0.3437 0.3472 0.3131 0.3186 0.2514 | 0.3221 0.3494 0.3548
CO,/0, 0.3653 0.3717 0.3443 0.3442 0.3442 | 0.3428 0.3423 0.3783
CO,/CO 0.3691 0.3737 0.3523 - 0.3478 | 0.3495 0.3521 0.3897
CO2/Ar  0.3658 0.3720 0.3452 0.3446 0.3449 | 0.3401 0.3396 0.3759
CO2/H, 0.3760 0.3874 0.3744 0.3636 0.3768 | 0.3548 0.3708 0.3959
CO2/NHz 0.3374 0.3423 0.3079 0.3079 0.2487 | 0.3119 0.3349 0.3425
CO./SO2 0.3416 0.3445 0.3077 0.3116 0.2424 | 0.3127 0.3228 0.3379
CO2/H.O 0.3043 0.3213 0.2858 0.2855 0.1940 - - -

The z — factors for the binary fluids using the PR EoS are plotted in Figure 6.1
from 1 mol% to 5 mol% impurity concentration. The change in value from pure
CO:2 is used as a benchmark to compute the equations for the effect of the
impurities on the z — factor. Impurities that decreased the gas deviation factor are

S0O2, NH3, and H2S. The lowest z — factor occurred with SO2. CH4, N2, O2, CO
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and Ar increase the z — factor. The maximum and minimum change in z — factor
occurred with Hz, and H2S, respectively. The z — factor for binary COz2 fluids at 15

MPa and 33 °C can be approximated with Equations 6.1 to 6.9.

0.38
0.37
— H2
0.36 —N,
—COo
0.35
— A
0.34 —0;
CHa
0.33
Pure CO,
032 | HaS
\ ——NH;
0.31 SO,
0.3
0% 1% 2% 3% 4% 5%

Figure 6.1: Gas deviation factors at 15 MPa and 33 °C (PR Eo0S).

N2 z = z¢, + 0.6172 N% (6.1)
CHa, 2 = z¢o, + 0.3899 CH,% (6.2)
H2S, Z = Zgo, — 0.1779 H,S% (6.3)
SO, z = 7z¢o, — 0.2856 S0,% (6.4)
Ar, Z = Zgg, + 0.4644 Ar% (6.5)
Oz, Z = Zgo, + 0.4455 0,% (6.6)
CO, Z = Z¢p, + 0.6063 CO% (6.7)
Ha, Z = Zgo, + 1.0459 H,% (6.8)
NHa, z= 7go, — 0.2813 NH;% (6.9)
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The z —factor of an impure CO2 mixture can be approximated with Equation 6.10,
after determining the z — factor of a pure COz2 fluid at the same pressure and

temperature.

Zimix = Zco, + 0.6172 N% + 0.3899 CH,% — 0.1779 H,S%

—0.2856 50,% + 0.4644 Ar% + 0.4455 0,% + 0.6063 CO%
+1.0459 H,% — 0.2813 NH;% — 0.7236 H,0% (6.10)

where z is gas deviation factor, z.,, is pure CO2 gas deviation factor at specific

pressure and temperature, and (N2, CHa4, SO2, H2S, Ar, O2, CO, Hz, NH3) % is the

concentration in mol% of the impurity.

Table 6.3 shows the z — factor values for binary CO:2 fluids and some pipelines,
simulated with Aspen HYSYS and calculated with Equation 6.10. The maximum
percentage difference occurs with H2 at 5.54 % and the minimum with CH4 at

0.20 %. The highest percentage difference for pipelines is 4.83 %.

Table 6.3: z — factors with Aspen HYSYS and gPROMS.

Fluid Aspen HYSYS Equation 6.10 % difference
CO2/N2 0.3492 0.3530 1.09
CO2/CHa4 0.3423 0.3416 0.20
CO2/H2S 0.3221 0.3132 2.74
CO2/02 0.3428 0.3444 0.46
C0O2/S0O2 0.3127 0.3079 1.55
CO2/CO 0.3495 0.3524 0.84
CO2/H2 0.3548 0.3744 5.54
CO2/Ar 0.3401 0.3446 1.31
CO2/NHs 0.3119 0.3081 1.23
Sheep Mountain pipeline 0.2768 0.2634 4.83
Canyon Reef pipeline 0.3524 0.3652 3.64
Cortez pipeline 0.3461 0.3490 0.85
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6.3 Density of CO2 pipeline fluids

Fluid pressure and temperature reduce along the pipeline and affect the density
of the fluid. If the effect due to decrease in temperature outweighs the effect due
to decrease in pressure, the density increases but if the reverse happens, the
density decreases. COz: fluid density increased because the effect due to a
reduced temperature was higher than that due to reduced pressure in the pipeline

considered in Nimtz et al. (2010), which also resulted to a reduced flow velocity.

Fluid density is also useful in calculating fluid volumes transported in pipelines.
Abrupt changes in density during flow may cause fluid phase changes and
booster stations may need to be installed to prevent this from happening. Density
changes may be large for small changes in pressure and temperature close to
the critical point. Accuracy of calculated density values also depend on the

accuracy of the gas compressibility factor.

Equations of state used in the computation of z — factors are critical. In the

analysis of Wilhelmsen et al. (2012), the Peng-Robinson EoS had the lowest AAD

for density of binary CO2 gases at the liquid state among the EoS considered in
the study. When results from EoS are compared to practical data, the PR EoS

has comparable accuracy to more advanced EoS (Luo et al. 2014a). Table 6.3

shows the density values calculated with the z — factor values obtained with
different E0S and Figure 6.2 shows the density of binary fluids with PR EoS.
Equations 6.11 to 6.20 can be used to approximate density values for binary CO2
fluids if the value for pure COz2 is known at the pressure and temperature. These
equations are generated with a maximum of 5 mol % impurity concentration and

may not be valid for higher concentrations of impurities.
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Density (kg/m?)

Table 6.4: Density values from different E0S.

gPROMS Aspen HYSYS
SRK PR PRSV PT SRK PR PRSV
Pure CO, 726.3 805.5 8054 9228 |725.0 805.1 805.8
N2 659.7 721.6 725.0 7328 |660.9 729.2 730.2
CHa 668.6 735.3 738.7 7804 |664.7 733.6 733.9
H2S 736.5 819.0 820.1 1019.9 |722.7 796.2 733.9
SO2 7715 862.0 857.7 1094.1 |785.1 848.3 821.7
Ar 682.0 747.8 7476 7486 |686.8 759.1 760.2
O: 6774 743.0 7425 7433 676.3 746.1 747.2
CO 660.5 7227 7274 7321 |653.4 7285 7232
H2 609.5 659.7 668.4 6555 |623.8 696.1 666.1
NHs 732.3 816.4 821.2 10109 |734.1 806.0 750.7
H20 783.8 880.8 919.9 12975 |782.6 853.3 661.3
900
850
—H,0
— SO,
800 H,S
—NHs3
750 —Pure CO,
—Ar
700 —O:
—CH,
—CO
650 —N,
—H,
600
0% 1% 2% 3% 4% 5%

Percentage of impurity

Figure 6.2 Density of binary mixtures
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N2

CHa,

H2S,

SOy,

Ar,

O,

CO,

H20,

Ho2,

NHs,

PN, = Pco, — 1705.5 N,%
PcH, = Pco, — 1402.5 CH,%
PH,s = Pco, T 270.72 H,S%
Pso, = Pco, + 1131 50,%
Par = Pco, — 1152.7 Ar%
Po, = Pco, — 1248 0,%

Pco = Pco, — 1655.1 CO%
PH,0 = Pco, T 1505.9 H,0%
Pu, = Pco, — 2917.8 H;%

pNH3 = pCOZ + 21886 NH3%

(6.11)

(6.12)

(6.13)

(6.14)

(6.15)

(6.16)

(6.17)

(6.18)

(6.19)

(6.20)

The density of a CO:z2 fluid may be approximated with the following equation if the

density for pure COz2 fluid is known at the same pressure and temperature.

Pmix = Pco, — 1705.5 Ny% — 1402.5 CH,% + 270.72 H,S% + 1131 50,%

—1152.7 Ar% — 1248 0,% — 1655.1 CO% — 2917.8 H,%

+218.86 NH3% + 1505.9 H,0%

(6.21)

Pure CO:2 density values were simulated with Aspen HYSYS and impure CO2

densities calculated with Equation 6.21. Table 6.5 presents the densities of

impure COz2 from Aspen HYSYS and Equation 6.21. The maximum and minimum

percentage difference between the density value from Aspen HYSYS and that

calculated with Equation 6.21 for the binary fluids occurs with H2 (5.30 %) and
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CH4 (0.19 %). The density of Sheep Mountain pipeline fluid has the highest

percentage difference (5.43 %).

Table 6.5: Density values from Aspen HYSYS and Equation 6.21.

Fluid Aspen HYSYS Equation 6.21 % difference
CO2/N2 729.2 719.8 1.29
CO2/CHa4 733.6 735.0 0.19
CO2/H2S 796.1 810.5 1.80
C0O2/02 746.1 742.7 0.46
CO2/SO2 848.3 861.6 1.57
CO2/CO 728.5 722.3 0.85
CO2/H2 696.1 659.2 5.30
CO2/Ar 759.1 747.5 1.53
CO2/NHs 806.0 816.0 1.24
Sheep Mountain pipeline 596.3 628.6 5.43
Canyon Reef pipeline 766.9 745.6 2.78
Cortez pipeline 733.9 727.4 0.88

6.4 Viscosity of COz pipeline fluids
The viscosity of CO2 is non — linear at temperatures slightly above the critical
point. At high densities, viscosity reduces with increase in temperature but at low

densities, it increases with increase in temperature (Zabaloy et al. 2005). There

are several equations for calculating the viscosity of gas mixtures. The Ouyang

(2011) correlation (Equation 3.43), and the Heidaryan et al. (2011) correlation

(Equation 2.29) are used to calculate the viscosity of pure components and the

Arrhenius equation (Yener et al. 1998), Graham’s model (Equation 6.23), and

Wilke’s equation (Equation 6.24) (Davidson 1993) are used to compute the

viscosity of the binary CO2 gas mixtures. Individual viscosities may be computed,

and Equations 3.43, 6.22 and 6.23 used to calculate the mixture viscosity.

P = ™ ™2 (3.43)
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M1 = X HiX; (6.22)

o (i x; /M)
Hmix = S IM) i) (6.23)

At reduced temperature and pressure, the viscosity for any two component gases

is the same (Chapoy et al. 2013). The equation to calculate the viscosity of the

impurity is given in Equations 6.24.

2/3 1/2
Pc,imp Mimp
Pcco, Mco,

1/6
Tc,imp
Tco,

Table 6.6 shows viscosity values for CO2/CH4 and COz2/Ar binary mixtures.

'uimp = MCOZ (624)

Practical data is taken from (Al-Siyabi 2013). The viscosity of pure CO2 was

computed as the bench scale and Equation 6.24 used to calculate the viscosity
of the impurity and both values combined with Equations 3.44, 6.22 and 6.23.
Though the McCollum equation gave the lowest percentage deviations, it fails at
various pressure and temperature combinations. This may be due to the positive

and negative parameters used in the equation. Both the (Heidaryan et al. 2011)

and (OQuyang 2011) equations predicted the viscosity slightly higher than the

practical values. The (Heidaryan et al. 2011) correlation performed slightly better

than the (Quyang 2011) correlation and is selected. Equation 3.44 gave the

lowest values which is closest to the practical data.

The values obtained from these equations vary widely from those obtained from
Aspen HYSYS simulations (see Table 6.7). This means that Aspen HYSYS
under-predicts the viscosity of COz2 rich mixtures. From the gPROMS simulations,
H2 reduced the viscosity by about 11 % and H2S, SO2, and H20 increased the

viscosity by about 0.9 %. The lighter gases reduced the viscosity, but the heavier
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gases increased the viscosity. The molecular weight of impurities has the same

effect on both density and viscosity since lighter gases also reduce the density of

gas mixtures.

Table 6.6: Percentage deviation of viscosity values calculated with various

equations.
Pract. )
Temp. and  Eqgn. McCollum et al. Hei et al. Ouyang
Imp. data
Press. used
(cP) p(P) %Dev. p(cP) %Dev. p(cP) % Dev.
27 oC 3.44 0.0743 4.6 0.0709 -0.14 0.072 15
6.24 0.071 0.0750 5.6 0.0728 25 0.073 2.6
13.89 MPa
Cha 6.25 0.0758 6.7 0.0736 3.7 0.074 3.7
97 00 3.44 0.074 -9.8 0.091 11.0 0.090 9.76
6.24 0.082 0.075 -8.5 0.091 11.0 0.091 11.0
18.93 MPa
6.25 0.075 -8.5 0.092 12.2 0.092 12.2
7 oC 3.44 0.077 5.4 0.078 6.8 0.079 8.2
o
6.24 0.073 0.077 5.4 0.079 8.2 0.080 9.5
13.89 MPa
A 6.25 0.077 5.4 0.079 8.2 0.080 9.5
r
3.44 - - 0.083 -8.8 0.118 29.6
21.1°C
6.24 0.091 - - 0.117 28.5 0.119 30.7
11.7 MPa
6.25 - - 0.117 28.5 0.119 30.7

Figure 6.3 shows a plot of CO2 viscosity at various temperature and pressure

values. The plot shows that CO2 viscosity is a function of both pressure and

temperature. It reduces with increase in temperature but increases with increase

in pressure. Since CO:2 exist as a liquid below the critical temperature if the

pressure is above the critical value, it means that liquid CO2 has higher viscosity

than supercritical CO2, though pipeline transportation of liquid COz result in lower

pressure losses than supercritical CO2; see Section 5.3.3.
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Table 6.7: Viscosity of binary fluids at 15 MPa and 33 °C.

Aspen gPROMS
SRK PR PRSV Ouyang Heietal.
Pure CO2, 0.0491 0.0526 0.0526 0.0748 0.0736
N> 0.0462 0.0494 0.0494 0.0726 0.0714
CH, 0.0461 0.0492 0.0492 0.0721 0.0709
H>S 0.0606 0.0647 0.0612 0.0754 0.0742
SO, 0.0624 0.0657 0.0644 0.0754 0.0742
Ar 0.0432 0.0462 0.0462 0.0740 0.0728
O 0.0469 0.0500 0.0501 0.0737 0.0725
CO 0.0460 0.0495 0.0492 0.0726 0.0715
H-O 0.0631 0.0678 0.0477 0.0754 0.0742
H. 0.0624 0.0480 0.0559 0.0666 0.0655
NH; 0.0515 0.0548 0.0523 0.0739 0.0727
0.12
- = 15 MPa
0.11 ;
S~ o 13 MPa
0.1 T ~< o 11 MPa
% 0.09 ST~
2 0.08 T~
(79} = -
o -
@ 0.07
>
0.06
0.05
0.04
15 20 25 30 35

Temperature (°C)

Figure 6.3: Pure CO: viscosity at different pressures and temperatures.

6.5 Temperature of CO2z pipelines
Fluid temperature declines along the pipeline in the direction of flow if the

surrounding temperature is lower than the fluid temperature. In situations where
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the surrounding soil temperature is higher than the flowing fluid temperature, the
heat transfer will be from the surrounding soil to the pipeline fluid. The
temperature profile of fluids flowing in CO2 pipelines is not fully understood. The
fluid temperature of a buried pipeline does not reach the surrounding
temperature. The temperature difference between the pipeline and the soil (AT)
continually decreases, and over time, the fluid temperature does not change
significantly from the pipeline inlet temperature. The total heat transferred out of
the fluid is a function of the convective heat transfer from the fluid to the pipeline
inner wall, the heat conducted from the inner pipeline wall to the outer wall, the
heat conducted by the surrounding soil from the outer pipeline wall to the surface
and finally the heat transferred away by the air currents from the soil surface. The
slowest heat transfer medium is the soil. See Table 6.8 for the thermal resistance
values for each medium. This slowest heat transfer component determines how
fast heat is transferred away from the pipeline and is therefore the heat transfer
rate determining step. The resistances to heat transfer is calculated for each step;
fluid to pipeline (convection), pipeline to soil (conduction), soil to surface

(conduction), and surface into the surrounding air (convection).

Table 6.8: Thermal resistance values for fluid, pipeline and soil.

Medium Thermal resistance (K.m/W) % of total

Fluid 0.07955 31.60
Pipeline 0.00035 0.14
Soil 0.17184 68.26
Total 0.25174 100.00

Figure 6.4 show the temperature profile of the first elemental fluid as it flows in
the pipeline from the inlet to the outlet. At the start of fluid flow, the temperature

of the soil surrounding the pipeline is assumed to be 7 °C. Here, only the heat
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transfer from the pipeline to the soil is considered. Equations 6.26 to 6.28 (Kreith
et al. 2012) are used to calculate the fluid and pipe thermal resistances and heat
transfer rate. Equations 3.52 to 3.58 are used to calculate the overall heat transfer

from the pipeline to the surface.

1

Rewia = oo (6.26)
_ In(ro/mi)
AT = L

Hrgte = -———— (6.28)

RfuidtRpipe

where Ruid is heat resistance of fluid (m K/W), Rpipe is the heat resistance of pipe
(m K/W), hauid is fluid convection heat transfer coefficient (W/m? K), kpipe is the
thermal conductivity of pipe (W/m K), and AT is the difference between the fluid

temperature and the soil temperature around the pipeline (K).
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Figure 6.4: Pipeline temperature profile after first elemental flow.

The temperature outside the pipeline rises as the fluid flows in the pipeline. This
means that the driving force for the heat transfer, i.e. the temperature difference,
reduces. At extended time, the pipeline temperature will remain steady. Figure

6.5 shows the steady temperature profile of the pipeline. Table 6.9 shows the
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outlet temperature for the various binary fluids. The effect of impurities on the
temperature of the pipeline over extended time is negligible. This is because the
fluid composition only affects the heat transfer from the fluid to the inner pipeline
wall. The rest of the heat transfer process from the pipeline to the surface is

independent of the fluid composition.
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Figure 6.5: Steady temperature profile of pipeline.

Table 6.9: Pipeline final temperature of binary fluids.

Binary fluid Final temperature (°C)
Pure CO, 28.62
H,O 28.8
SO, 28.8
NH3 28.8
H,S 28.62
Ar 28.58
CH, 28.59
0, 28.58
N, 28.56
CcO 28.56
H, 28.54
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6.6 Pressure of CO2 pipelines

The most important parameter of pipeline fluid flow is pressure. Pressure is the
driving force of the fluid, but it declines due to frictional, elevation and acceleration
effects. For long distance pipelines, a high pressure-drop increases both the
capital cost (installation of pressure boosting stations) and operational costs
(running of the pressure boosting stations). Equation 6.29 gives the total pressure

drop for a straight pipeline with constant cross-sectional area (Fang et al. 2012).

AP = APy, + APy, + AP, (6.29)
AP, = % (6.31)
APy, = g (22£2) L sing (6.30)
AP, = G2 (i - p—12) (6.31)

where AP is total pressure drop (MPa), AP is pressure drop due to friction (MPa),
APgr is pressure drop due to elevation change, and AP« is pressure drop due to

change in fluid velocity (MPa).

The pressure loss due to each component of the pressure drop equation is
calculated using Equations 6.29 to 6.31 and shown on Table 6.10. The angle of
elevation is assumed to be + 0.3°. H2 caused the highest frictional pressure drop
but the lowest gravitational pressure loss. SOz caused the lowest frictional
pressure loss and highest gravitational pressure drop. Overall, H2 caused the
highest pressure loss because the gravitational pressure loss component is small
compared the frictional component. Table 6.11 shows the various percentages
due to acceleration, friction, and elevation pressure losses. Table 6.11 is divided

into horizontal and elevation sections, to show the contributions of each
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component for horizontal and elevated pipelines. It should be noted that the

percentage due to elevation is a function of the angle of elevation and therefore

Table 6.10: Pressure drop of binary mixtures due to acceleration, friction and
elevation.

F|U|d APac APfr Total APhOT APgT‘ APTotal.

Pure CO2 0.0042 4.8208 4.825 0.7352 5.5602
CO2/N2 0.0044 4.9939 4.9983 0.7196 5.7179
CO2/CHs  0.0046 4.9876 4.9922 0.7079 5.7001
CO2/H2S  0.0041 4.7841 4.7882 0.7307 5.5189
CO2/H2 0.0048 5.5648 5.5696 0.7011 6.2707
CO2/SO2 0.004 4.6978 4.7018 0.7547 5.4565
CO2/Ar 0.0043 4.8462 4.8505 0.7313 5.5818
CO2/CO 0.0044 4.9638 4.9682 0.7196 5.6878
CO2/H20 0.0046 4.7012 4.7058 0.7099 5.4157
C0O2/02 0.0045 4.9551 4.9596 0.7081 5.6677
CO2/NHs  0.0046 4.9471 4.9517 0.7089 5.6606

Table 6.11: Percentage of pressure drop components.

Percentage of pressure drop Percentage of pressure drop in the

in the horizontal pipeline inclined pipeline
Acceleration Friction Acceleration Friction Elevation
Pure CO2 0.088 99.912 0.076 86.701 13.223
CO2/N2 0.090 99.910 0.079 87.181 12.741
CO2/CHa4 0.092 99.908 0.080 87.535 12.384
CO2/H2S 0.087 99.913 0.076 86.621 13.303
CO2/H2 0.086 99.914 0.076 88.744 11.180
CO2/S0O2 0.086 99.914 0.074 86.095 13.831
CO2/Ar 0.088 99.912 0.077 86.821 13.102
CO2/CO 0.090 99.910 0.079 87.180 12.741
CO2/H20 0.091 99.909 0.080 87.477 12.443
CO2/02 0.092 99.908 0.080 87.427 12.493
CO2/NHs 0.091 99.909 0.080 87.506 12.414
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changes according to the value of the angle of elevation. If the angle of elevation
is increased, at a point the pressure loss due to elevation will become higher than
the pressure loss due to friction. At this point, the pressure loss due to SOz will
be higher than that due to H2. Heavier impurities will cause higher pressure losses
than lighter impurities. Overall, H2S has the smallest pressure effect on COz2 fluids

flowing in pipelines.

6.7 Chapter conclusion

In this chapter, the effects of impurities on the properties of CO:2 fluids flowing in
pipelines was simulated. Equations to convert values of pure COz parameters to
binary fluids parameters were formulated. These equations can be used to
calculate the mixture properties if the value for pure CO:2 is known. The
temperature drops for the first elemental flow and the steady prolonged flow is
different. More heat is initially lost from the fluid because heat is more quickly
transferred from the pipeline to the surrounding soil when the surrounding soil
temperature is at ambient. The surrounding soil temperature increases as it is
heated by the pipeline. Therefore, the difference in temperature (AT) reduces and
consequently reduces the rate of heat transfer. The total heat lost from the
pipeline depends on the rate of heat transferred by the soil to the surface. Since
this rate becomes steady over time, the temperature of the pipeline does not

change with time under continuous flow.

Most CO2 pressure drop studies did not differentiate the acceleration and
frictional pressure losses or just ignored the frictional component. From this study,
it can be shown that ignoring the frictional component is justified as it contributes
only a negligible percentage of the total pressure loss, a maximum of about 0.10

% of the total pressure loss in horizontal pipelines. If non horizontal pipelines with
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positive elevation angles are considered, the frictional component reduces even
further, to a maximum of about 0.08 % in this study. If non horizontal pipelines
with negative elevation angles are considered, the percentage of total pressure
drop due to acceleration will increase slightly but still negligible. This slight
increase in pressure loss due to acceleration is because the elevation component
no longer contributes to pressure loss but to pressure gain, thereby reducing the
pressure loss. The grading of the effect of the impurities on the fluid flow
parameters is presented in Table 6.12. On this Table the magnitude of the effect

increases for 1 to 10.

Table 6.12: Grading of impurity impact on each parameter.

Parameter 1 2 3 4 5 6 7 8 9 10
Z — factor Hz N2 CO Ar Oz CHs H2S NHs SOz H20
Density H2O SO2 H2S NHz Ar O2 CHs CO N2 H2
Viscosity Hz CHa Nz CO O2 NHs Ar HS SO2 H20
Temperature Hz N2 CO O2 Ar CHs H2S NHs SOz H20
Pressure

o SO2 H2O Ho2S Ar NHs O2 CO CHs N2 H2
(friction)

The impurities are arranged from positive or lowest effect (left) to highest negative
effect (right). An impurity is considered to have a positive effect if its change on
any property will result to lower pressure loss. The effect of impurities on pressure
loss in Table 6.10 is that of horizontal pipeline. For non — horizontal pipelines, the
effect would be different because of the contribution of the elevation component

to total pressure drop.

151



Chapter 7: Conclusion, recommendation, and future work

7.1 Conclusion

This research work modelled and simulated the effects of impurities on COz2

pipelines using Aspen HYSYS, gPROMS and HydraFlash software. Effects on

pressure, temperature, density, viscosity, phase envelope, critical pressure and

temperature were studied. All CO2 fluid impurities reduced the volume of CO2

transported in the pipeline and negatively impacted on one or more of the flow

parameters. Previous research has not fully considered the effects of each

impurity on all parameters considered in this study. The novelty of this thesis

include.

Analysis of the effect of all common impurities in CO:2 pipeline
transportation. This has not been done before.

Thermodynamic analysis of supercritical and subcritical CO2
transportation in pipelines. The results show that specifying supercritical
flow in COz2 pipeline transportation is not justified.

Soil heat conductivity rather than ambient temperature has appreciable
impact on CO2 pipeline transportation. This finding supports previous
reports that there is negligible impact of ambient temperature on CO:

pipelines.

The findings in this thesis has significant implications and applications in COz2

pipeline transportation and the following conclusions can be drawn.

Impurities have varying impacts on the parameters of CO2 transportation
in pipelines. These impurities may have varying degrees of impact
according to the concentrations, which are usually different for each fluid.
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At equal concentration, Hz, had the greatest impact on pressure loss (in
horizontal pipelines), critical pressure, temperature change, and density
and SOz had the greatest effect on critical temperature. At the specified
maximum concentrations, N2 having the highest concentration, had the
most impact on pressure loss (in horizontal pipelines), density, critical
pressure, critical temperature, phase envelope, and temperature. The
degree of the impact of impurities at equal concentrations and at permitted
concentrations is a useful guide during design to analyse the necessary
parameters for optimisation.

The question of the better fluid state, supercritical or subcritical, for
transporting CO: in pipelines was answered in chapter 5. More volume of
fluid is transported and for longer distances under subcritical flow than
supercritical flow. Transporting fluid in subcritical conditions may require
fewer boosting stations than under supercritical conditions in long distance
pipelines, thus saving both capital and operational costs. It, therefore,
shows that transporting COz2 in subcritical state is more economical than
transporting it in supercritical state. The evidence presented in this thesis
can be used to review the specification for transporting CO:2 fluids in
pipelines. The possibility of transporting CO:2 in pipelines at lower than
critical pressures can be seen from the phase envelopes of the fluids and
may be investigated in the future.

Equations that convert pure CO:2 fluid parameters to impure CO: fluid
parameters in CCTS operations have been presented. These equations
performed well when compared to Aspen HYSYS, an industry standard

software and practical data. Designing COz fluid transportation in pipelines
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can be optimised by using these equations to convert pure CO:2 fluid
parameters to impure CO2 parameters.

e The effects of each impurity have been graded in this thesis. Hz has the
worst impact on COz pressure. However, in inclined pipelines, if the angle
of inclination is high, Hz could have a lower pressure loss compared to
heavier impurities. At the specified maximum concentrations, N2 with the
highest concentration resulted in the highest pressure decline in horizontal
pipelines. Lighter impurities have lower pressure losses than heavier
impurities in inclined pipelines.

e Heatloss in the pipeline increases the density of the fluid thereby reducing
the velocity of flow. Slower velocities result to lower pressure losses.
However, heat loss in buried CO:2 pipelines are small and the fluid
temperature changes only slightly due to the low heat conduction of the
soil from the pipeline to the surface. Therefore, soil conductivity has a
greater effect than ambient temperature on buried CO2 pipelines. The
effect of impurities on the temperature of a buried CO2 pipeline is

negligible.

The findings in this research can be used to adjust the allowable concentrations
of the impurities. However, storage requirements and purification costs are also
considered before maximum concentrations are specified. Parameters designed
assuming pure CO2 may be over-designed for CO: fluids with impurities having
positive effects and under-designed for impurities having negative effects. To
optimise the design of CO:2 pipelines, the actual fluid with the impurities should

be analysed.
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7.2 Recommendations

This research concentrated on the impact of single impurities on the performance
of CO2 pipelines. Steady state simulations were carried out to determine the
effects all common impurities have on the flow of COz2 fluids in pipelines. Impact
of CO2z impurities may be different in combination of other impurities. In the case
of actual pipelines, the impact of all the impurities was studied. It is therefore
recommended that the impact of impurities in the presence of other impurities be
investigated. Lack of practical data was a hindrance in carrying out this work. It
is therefore recommended that parameters for COz2 fluids with impurities (N2, CHa,
H2S, SOz, Ar, H2, CO, H20, NHs, O2) within the pressure and temperature range
of CO2 pipelines be carried out in the laboratory. These data would be helpful in

the validation of simulation results.

7.3 Further work

From the phase envelopes of COz2 fluids with impurities, the possibility to transport
rich COz2 fluids in the dense phase, at pressures below the critical value can be
seen. This possibility needs to be investigated as it has the potential of cutting
down on operational (compression) cost and capital (pipes and boosting stations)

costs.

This research has considered steady state flow of COz2 fluids in pipelines because
inert gases are used to pressurise the pipeline before introducing the CO:2 fluid.
However, during start up, shutdown, ramp up or ramp down, the fluid flow rate
changes. To accurately model the effect of impurities in these phases entails the
use of dynamic models. Computational fluid dynamics (CFD) is increasingly used

to model CO2 capture processes (Zhou et al. 2011) and fluid flow in pipes

(Rzehak and Kriebitzsch 2015). CFD could also be used to model the
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transportation of COz fluids in the pipelines. Future work could also consider the
economic analysis of a large trunk pipeline transporting CO:2 fluids from several
capture sources to a storage site with changing composition in the pipeline from
different sources. Pipeline corrosion is also an important aspect of fluid
transportation. The effect of impurities on the internal pipeline wall corrosion
should be studied to understand if impurities other than H20 have significant

effect.
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Appendix A

Table A 1: Regression values for density equation (McCollum and Ogden 2006)

Temp (°C)

a (x®)

b (x%)

c (xh d (x?)

e (x? f ) g

10.0 -6.99274E-07 8.56082E-05 -4.41249E-03 1.25510E-01 2 19938E+00 2.81960E+01  7.68647E+02
15.6 -2.92964E-07 6.57269E-05 -4.75451E-03 1.67603E-01 3.31969E+00 4.21135E+01  6.70554E+02
21.1 -7.86428E-06 8.72837E-04 -4.02787E-02 9.97669E-01 1.42859E+01 1.21788E+02  3.84188E+02
26.7 -4.14913E-05 4.43672E-03 -1.95389E-01 4.55038E+00 5.96084E+01 4.30173E+02  -5.36390E+02
32.2 -1.10256E-03 1.13457E-01 -4.76665E+00 1.04530E+02 1.26111E+03 7.94772E+03  -1.97102E+04
37.8 -5.42882E-04 5.98138E-02 -2.70792E+00 6.44535E+01 8.50922E+02 5.92597E+03  -1.63183E+04
43.3 9.60943E-04 -9.44447E-02 3.73493E+00 -7.54076E+01

8.07616E+02

-4.21227E+03

8.42194E+03
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Table A 2: Regression coefficients for u Equation 2.15 (McCollum and Ogden 2006)

Temp (°C)

a (x©)

b (x°)

c (x*)

d (x%)

e (x? f () g
10.0 -1.80098E-13 1.96869E-11 -9.09904E-10 2.33381E-08 _3 70759E-07 5.35319E-06 7.07073E-05
15.6 -3.83675E-13 4.25032E-11 -1.97443E-09 4.99914E-08 _754380E-07 8.42586E-06 5.17798E-05
21.1 -9.83505E-13 1.08507E-10 -4.97927E-09 1.22724E-07 _1 75059E-06 1.58647E-05 2.01512E-05
26.7 -4.04273E-12 4.32435E-10 -1.90732E-08 4.45698E-07 _587710E-06 4.39583E-05 -6.75597E-05
32.2 227771E-10 -2.27111E-08 9.15360E-07 -1.89857E-05 2 12163E-04 -1.19673E-03 2.68350E-03
37.8 9.44539E-11 -9.37386E-09 3.75251E-07 -7.70019E-06 g 44425E-05 -4.57587E-04 9.69405E-04
43.3 4.61459E-11 -4.64533E-09 1.89478E-07 -3.98321E-06 4 49854E-05 -2.50385E-04 5.50761E-04
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Table A 3: PVT values for CO2 + CH4 binary mixtures (Hwang et al. 1997)

Pressure Temperature CO2 CHa4 Density z- factor
(MPa) (°C) mol % mol % (kg/m3)

14.3 15.56 9.8 90.2 147 0.7623
19.37 26.85 9.8 90.2 183.3 0.7958
10.37 26.85 29.8 70.2 101.26 0.7716
13.94 26.85 29.8 70.2 144.82 0.7250
17.30 26.85 29.8 70.2 183.33 0.7108
20.73 26.85 29.8 70.2 216.23 0.7226
83.64 26.85 66.82 33.18 177.95 0.6544
10.08 26.85 66.82 33.18 242.24 0.5792
11.78 26.85 66.82 33.18 315.62 0.5198
13.90 26.85 66.82 33.18 397.06 0.4875
16.60 26.85 66.82 33.18 469.72 0.4921
19.33 26.85 66.82 33.18 518.82 0.5188
7.79 26.85 90.10 9.90 279.20 0.4613
8.20 26.85 90.10 9.90 344.28 0.3838
8.67 26.85 90.10 9.90 439.43 0.3261
10.92 26.85 90.10 9.90 635.20 0.2842
13.71 26.85 90.10 9.90 706.83 0.3217
17.91 26.85 90.10 9.90 763.50 0.3879
15.42 76.85 90.10 9.90 375.05 0.5826
18.03 76.85 90.10 9.90 456.33 0.5600
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Appendix B

Point-to-point, tree - branch and hub - spoke scenarios. (IEA GHG 2010)
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Appendix C

Table C 1: Dependence of density regression equation coefficient on temperature (McCollum and Ogden 2006)

Temp (°C) a(Xx®) b(X®) c(X?) d(x®) e(X?) f(X) g

4.4 -9.54845E-08 1.97920E-05 -1.41421E-03  5.06981E-02 -1.07669E+00 1.77109E+01  8.42753E+02
10.0 -6.99274E-07 8.56082E-05 -4.41249E-03 1.25510E-01 -2.19938E+00 2.81960E+01  7.68647E+02
15.6 -2.92964E-07 6.57269E-05 -4.75451E-03 1.67603E-01  -3.31969E+00 4.21135E+01  6.70554E+02
21.1 -7.86428E-06 8.72837E-04 -4.02787E-02  9.97669E-01  -1.42859E+01 1.21788E+02  3.84188E+02
26.7 -4.14913E-05 4.43672E-03 -1.95389E-01  4.55038E+00 -5.96084E+01 4.30173E+02 -5.36390E+02
32.2 -1.10256E-03 1.13457E-01 -4.76665E+00 1.04530E+02 -1.26111E+03 7.94772E+03 -1.97102E+04
37.8 -5.42882E-04 5.98138E-02 -2.70792E+00 6.44535E+01 -8.50922E+02 5.92597E+03 -1.63183E+04
43.3 9.60943E-04 -9.44447E-02 3.73493E+00 -7.54076E+01 8.07616E+02 -4.21227E+03  8.42194E+03
48.9 1.02964E-03 -1.05231E-01 4.36150E+00 -9.33059E+01 1.07660E+03 -6.23329E+03 1.42664E+04
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Table C 2: Dependence of viscosity regression equation coefficient on temperature (McCollum and Ogden 2006)

Temp (°C) a(X°) b(X®) c(X?) d(x®) e(X?) f(X) g

4.4 -4.13198E-14 5.05771E-12 -2.67210E-10 8.10161E-09 -1.59689E-07 3.68596E-06 8.53395E-05
10.0 -1.80098E-13 1.96869E-11 -9.09904E-10 2.33381E-08 -3.70759E-07 5.35319E-06 7.07073E-05
15.6 -3.83675E-13 4.25032E-11 -1.97443E-09 4.99914E-08 -7.54380E-07 8.42586E-06 5.17798E-05
21.1 -9.83505E-13 1.08507E-10 -4.97927E-09 1.22724E-07 -1.75059E-06 1.58647E-05 2.01512E-05
26.7 -4.04273E-12 4.32435E-10 -1.90732E-08 4.45698E-07 -5.87710E-06 4.39583E-05 -6.75597E-05
32.2 2.27771E-10 -2.27111E-08 9.15360E-07 -1.89857E-05 2.12163E-04 -1.19673E-03 2.68350E-03
37.8 9.44539E-11 -9.37386E-09 3.75251E-07 -7.70019E-06 8.44425E-05 -4.57587E-04 9.69405E-04
43.3 4.61459E-11 -4.64533E-09 1.89478E-07 -3.98321E-06 4.49854E-05 -2.50385E-04 5.50761E-04
48.9 2.17356E-11 -2.27268E-09 9.72054E-08 -2.16667E-06 2.62433E-05 -1.57279E-04 3.81014E-04
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